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“I really don't trust statistics much. A man with his head in a hot oven
and his feet in a freezer has statistically an average body temperature”

- Charles Bukowski
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Nomenclature

Symbol Description Sl unit
Roman
ag Pressure drop contribution by inertia —
A Cross-sectional area m?
Cp Specific heat at constant pressure J/kg-K
C Constant into a specific equation —
D,d Diameter m
e Thickness m
E Electrical tension %4
f Friction factor —
g Acceleration due to gravity m/s?
G Mass flux kg/m?-s
h Convective heat transfer coefficient W/m?-K
i Enthalpy J/kg
I Electrical current A
k Thermal conductivity W/m-K
! Axial length m
L Heated length m
m Mass flow rate kg/s
M Molecular weight g/mol
P Pressure Pa




AP

AT

Effective heat flux

Heat flux

Radial distance from the center
General variable dependent of y
Temperature

Velocity

Radial length (width)

Specific volume

Volume flow rate
Thermodynamic quality

Axial distance from the inlet

Void fraction

Coefficient of thermal expansion

Pressure drop

Temperature difference

Dynamic viscosity

Kinematic viscosity (diffusivity of momentum)
Density

Inclination angle of the channel
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Subscripts
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amb | Ambient
b Bubble
cond | Conduction
conv | Convection
df Down flow
elec | Electrical
fr Frictional
F Pure forced convection
Fa Fanning
hom | Homogeneous model
in Inlet of the heated length
[ Liquid
le Liquid equivalent
I Liquid and vapor in laminar regime
loss Loss
10 Liquid only
It Liquid in laminar and vapor in turbulent regime
lv Vaporization
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n Nose of the bubble

0 External




out | QOutlet of the heated length
pres | Present condition
prev | Previous condition
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Sp Single phase
tl Liquid in turbulent and vapor in laminar regime
tp Two-phase
tt Liquid and vapor in turbulent regime
% Vapor
v Vapor only
w Wall. When alone, it refers to internal wall.
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0 Axial local position where x = 0
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Introduction

During the curse of physics, we learn that “heat” is a form of energy associated with the motion of
atoms or molecules and capable of being transmitted through solid and fluid by conduction, convec-
tion and radiation. Instead, “temperature” is a measure of the average kinetic energy of the particles
in a portion of matter, expressed in terms of degrees. It is common knowledge that “temperature”
and “heat” are related. In fact, “heat” is the flux of energy associated with “temperature”. In addi-
tion, Energy and related quantities are connected to the capacity of a system to perform work. Ener-
gy moves from one place to another and cannot be destroyed, at least it can be converted in matter
(E= MC?). Two bodies with different temperatures exchange heat. It moves from the warmer body
to the colder, naturally. Only using more energy is possible to invert this process by some specific
processes.

Now, an important question is: “why we study these phenomena?”. The answer is because we can
use it for our purposes, harnessing the forces of nature to optimize process and reducing human’s
labor. However, everything has a price. Every form of energy transmission is associated with a deg-
radation of a part of that energy. “Entropy” is the name of that process and it is related with an in-
crement of the chaos in the system, which usually mean an increment of the temperature. This pro-
cess is irreversible and slowly degrade energy distributing it across the universe. Moreover, the use
of “Heat Energy” can be dangerous rising the temperatures and bringing to an uncontrolled and de-
structive states. We can remember the explosion of chemical industries at Seveso? in Italy caused
by a temperature increment of a process tank.

Thermodynamics studies the laws of heat, how heat moves through space and materials and how
transform Heat into useful Energy. A correct understanding of thermodynamics can bring to an in-
crement of machine efficiency, a reduced cost, and to a better energy production.

In this work, flow boiling in micro-tubes is studied in deep. Micro-exchangers are the next genera-
tion of cooling systems useful for both terrestrial and space applications where weight and dimen-
sions are important.

Flow boiling is the best way to reach high heat flux, heat transfer improves with fluid velocity and,
within certain limits, with the temperature difference between the liquid and the tube.

11 The Seveso disaster was an industrial accident that occurred around 12:37 pm July 10, 1976, in a
small chemical manufacturing plant approximately 15 kilometres (9 mi) north of Milad in Italy. It
resulted in the highest known exposure to 2,3,7,8-tetrachlorodibenzo-p-dioxin (TCDD) in residen-
tial populations. A total of 3,300 animals were found dead, mostly poultry and rabbits. Emergency
slaughtering commenced to prevent TCDD from entering the food chain, and by 1978 over 80,000
animals had been slaughtered. 15 children were quickly hospitalised with skin inflammation. By the
end 1,600 people of all ages had been examined and 447 were found to suffer from skin lesions
or chloracne.



Micro-tubes, thanks to their dimension, might be employed in a wide range of microgravity systems
such as satellites for communications, thermal management of the International Space Station, cool-
ing of electronic devices subjected to high thermal load (i.e. high heat flux), thermal transport, cool-
ing of nuclear space reactors, etc. In order to develop and design thermal systems for small applica-
tions, it is necessary to achieve a detailed understanding of all flow boiling aspects, also under low
gravity conditions.



1. State of the Art Review

1.1. From Macro to Micro Scale

First, must be defined when a channel is micro or in macro scale. There is no proven criterion in lit-
erature that define this difference. Scientific community has not reach a universal agreement or def-
inition for the transition. This chapter describes the most used criterion to define the transition from
micro to macro-scale for flow boiling heat transfer. Two-phases flow pattern maps are reported to
make a visual comparison.

Several researches proposed transition criteria for macro to micro scale transition ranging from
physical channel size classifications to approaches based on bubble confinement and bubble depar-
ture diameter.

1.1.1. Channel Size Classifications for Single Phase

For single-phase the transition can be defined basing on rarefaction effects related on the Knudsen
number:

K - kgT
" \2mo?plL

Where kg is the Boltzmann constant (1.380x 10 2* J/K), ¢ is the particle hard shell diameter, p is the
total pressure. Following are reported three examples:

Mehendale et al. (2000) proposed a fixed classification based on the physical size of the channels:
e Micro-channels for a size range 7 um - 100 um,
e Meso-channels for channel sizes from 100 um to 1.0 mm,
e Compact channels from 1.0 mm to 6.0 mm,
e Macro-channels for all channel sizes exceeding 6.0 mm.
Kandlikar et al. (2001, 2002, 2003) instead proposed a classification based on flow considerations:
e Conventional channels for hydraulic diameters of 3.0 mm or larger
e Mini-channels for hydraulic diameters of 200 um to 3.0 mm,
e Micro-channels for hydraulic diameters smaller than 200 um.

Kandlikar recommend the above criteria for both liquid and two-phases flow applications to provide
uniformity in channel classification.

Furthermore Shah (1986) define compact heat exchangers as exchangers with surface-to-volume ra-
tio > 700 m?m3, which translates to a threshold diameter for the macro-micro transition of < 6.0
mm irrespective of the fluid properties.



1.1.2. Bubble Confinement

To define the transition between singe phase and two-phases, it is necessary to analyze the bubble
confinement. This method studies the confined growth of a bubble in small channels. When hy-
draulic diameter decreases the role of surface tension forces becomes more important and the grad-
ual imminent suppression of the gravity forces increases. Kew et al. (1997) proposed the Confine-
ment number for the distinction between macro and micro scale channels:

1 4o
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Where Dn is the hydraulic diameter. For the criterion Co = 0.5 is the threshold:
e Co>0.51s for micro-scale,
e Co < 0.5 for macro-scale.

Kew et al. (1997) investigated diameters of 1.10, 1.80, 2.80 and 3.60 mm and for a square channel
of 2.0 x 2.0 mm.

Triplett et al. (1999) proposed two-phase flows smaller than the order of the capillary length as the
threshold of micro-channel flows in 1.10 and 1.49 mm circular micro-channels.

Brauner et al. (2006) studied the effect of channel diameter on the mechanisms leading to adiabatic
flow pattern transitions in single channels. The Eo6tvos number evidences the macro to micro
threshold, it is like the Bond number Bo and represents the ratio of buoyancy force to surface ten-
sion forces. The number can be expressed as:

_4p 199Dk
o
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Where Dy is the hydraulic diameter.

Eo6tvos number plays a key role dictating the relevant characteristics of dispersed flows and wall-
wetting in separated flows. Eo = 0.2 is considered as the threshold value for micro-scale flows.
Triplett et al. (1999) for air-water in a 1.1 mm channel (Eo = 0.021) inspect that Eo = Bo/8.

Ullmann and Brauner (2006) concluded that the EGtvos number play a significant role in flow
pattern transitions and in determining the characteristic length of dispersed two-phases flows and
in wall-wetting effects in separated flows. Moreover, it is an important parameter in the disap-
pearance of stratified flows.

Bretherton et al. (2004) suggested a transition at Eo < 0.84 as the threshold at which a Taylor
bubble would no longer rise only under the influence of gravity in a vertical, water filled capil-
lary tube.

Cheng et al. (2006) classified the work of Li et al. (2003) on phase changing heat transfer into mi-
cro, meso and macro channels in terms of the Bond number:

_ pgl?
B o
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L is the diameter of a capillary tube and o is the surface tension of the interface.
The proposed classifications:
1. Bn < 0.05 Micro scale flow. Gravity effects can be neglected.
2. 0.05 <Bn < 3.0 Meso scale flow. Surface tension is dominant.
3. Bn > 3.0 Macro scale flow. Gravity forces are dominant.
Bond number and dimensionless numbers are related in this equivalence:
Bn = Eo = 2Go? = 2De?

Where Eo, Go, and De are respectively the E6tvos, Goucher, and Deryagin numbers. The "differ-
ence" between the Goucher and Deryagin numbers is expressed in the work of Pierre-Gilles et al.
(2004). The Goucher number (used for coating problems) uses the letter R to represent length
scales while the Deryagin number (used for plate film thickness problems) uses L.

Kew et al. (2001) based the division on confinement of a bubble within a channel. According to
them, for hydraulic diameters lower than D, the macroscopic laws are not suitable to predict either
flow boiling heat transfer coefficients or flow pattern transitions. Dt is given by:
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Figure (1) shows the comparison recommended by Kandlikar et al. (2002) for the transition diame-
ters between conventional and mini channels and between mini channels and micro channels com-
pared with the variation of D with the reduced pressure of CO2 and water:
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Kandlikar and Grande [2]

threshold diameter (mm)

0 0.2 04 06 0.8
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Figure 1: Threshold diameters recommended by Kandlikar and Grande (2002), compared to the
macro to micro scale threshold of Kew and Cornwell (2001) for CO2 and water.

Serizawa et al. (2000) provided another interpretation for the micro channel transition. Figure (2)
shows a flow pattern in a 0.05 mm glass channel with steam and water. A new flow pattern was
observed and named liquid ring flow. Moreover, for air-water in a 0.020 mm channel, was identi-
fied another flow pattern named liquid lump flow, following the liquid ring flow.
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Figure 2: Flow regimes observed by Serizawa and Feng (2000) in a 0.050 mm channel for steam-
water flows.

Probably there are some transition between Kandlikar et al. (2003) definitions. Some examples
could be:

e macro channel,

e macro to mini transition,
e mini channel,

e mini to micro transition.

Kawaji et al. (2004) reviewed the characteristics of two-phase flow and proposed the following
recommendation as a threshold criterion for defining micro channel for two-phase flows. This cri-
terion analyzes a set of six dimensionless numbers and two velocities for threshold:

® Bond number:
_9(pL — pL)D?
o

Bn K 4

e Superficial liquid and vapor Weber numbers:

UZD UZD
We, = 2LL <<1;WeG=pGGG «1
e Superficial liquid and vapor Reynolds numbers:
Uu,D U;D
Re, = 2“1 « 2000 ; Rep = 2525 « 2000

M He



e Capillary number:

U
Ca, = 2t « 1
e Superficial vapor and liquid velocities:
A A

Further researches determinate more accurately the actual thresholds. It is now unclear how to
define or predict any of these transitions.



1.1.3. Bubble Departure

The heat transfer model proposed by Jacobi et al. (2000) base their assumption on elongated bubble
flow in micro scale channels. An important assumption for micro scale flow is that the bubble di-
ameter fills the tube internal diameter before detaching from the wall surface. In their heat transfer
model, the effective nucleation wall superheat considers the critical bubble radius. The idea is that
no stratification exists at micro scale.

Thome et al. (2002) proposed the use of nucleate pool boiling bubble detachment to predict bubble
departure diameters for confined bubble flow. They noted that bubbles grow in length as they flow
downstream. No results or prediction methods are available when the bubble nearly blocks the
channel during its growth while is still attached to the wall. Using bubble departure diameter
methods for nucleate pool boiling can give an approximate idea of bubble departure diameters ex-
pected under, neglecting imposed cross flow or confinement of the bubble.

Jensen et al. (1986) reviewed the most popular methods available to predict bubble depar-
ture diameters in nucleate pool boiling and compared them. The Fritz (1935) correlation gives
the detachment bubble diameter “dyub™ as:

o
d, . = 0.0208 /—
bub AreErs

Where 5 is the contact angle expressed in degrees.

Nishikawa (1985) gave the following expression:

2
C lTsat>§ o
d,.., = [0.12 + 0.08 [ -2
pub < hlg g(Pl - pv)

Kutateladze et al. (1979) proposed the equation:

o

1
dyup = [0.25 1+ 105K i] S —
bub ( V2| 5t = o)

Where K| is a parameter expressed as:

prhi, Pry

3
2

pro

K (popz(Tw - Tsat)>2 [ﬂf Cor J9(p, - Pv)]
=

This expression adds the influences of the wall superheat, liquid Prandtl number and liquid
dynamic viscosity to the bubble departure criterion but, again, not the contact angle.

Jensen et al. (1986) proposed a more accurate definition of dwus based on their database:

o

1
dys = [0.19(1.8 + 105K )i] _°
bub YRl gCor = py)



_ D?
The Bond number (%

only for pool boiling, while the flow in a micro channel will tend to promote the detachment of the
bubble before it completely spans the channel.

) have a key role in all these relations, which are theoretically valid

Bubble Departure criterion probably overestimate the value of the channel diameter of the thresh-
old. These methods are “preliminary” because they are still not validated.

1.1.4. Young-Laplace Approach

Li et al. (2003) studied the gravitational effect on the transition from symmetric flow, where gravi-
ty can be neglect, to asymmetric flow, where gravity cannot be neglect, during condensation in
micro horizontal tubes. Based on the Young-Laplace equation, they proposed the following criti-
cal and threshold values. The capillary length, Lcap, is the division criteria for micro to macro scale
transition. The threshold diameter is:

den, = 1.75Leqy

Lcap, the capillary length is defined as:

o

Loy = |—
“ar 1g(p — py)

Their critical diameter (capillary length) is similar to the bubble departure diameter in the Fritz
(1935) equation above if the contact angle is set to 10°. Furthermore, their threshold diameter dif-
fers from that of Kew et al. (1997) only by the value of the multiplier of 1.75 rather than 2.0.
Based on these definitions, Li et al. (2003) proposed to subdivide condensation flow regimes, rela-
tive to the channel diameter din , as follows:

1. din <dcrit Surface tension forces are dominant. The flow regimes are symmetrical.

2. derit < din < din Gravity and surface tension forces have the same importance. A thin stratifi-
cation on the flow distribution is observed.

3. din < din Gravity forces are dominant and the flow regimes are similar to macro scale flows.

Figure (3) shows a comparison of selected macro to micro scale threshold criteria for R-134a as a
function of reduced pressure.

Only two of the three Mehendale et al. (2000) divisions are shown in the diagram. The diagram
is subdivided in four class: micro-scale, meso-scale, compact and macro scale.

Two of the three Kandlikar et al. (2003) divisions are shown that separate the channel diameters:
nano-scale, micro-scale, mini-scale and macro-sizes.

The Kew et al. (1997) Confinement number, the Ullmann et al. (2006) E6tvos number and the
Li et al. (2003) threshold diameter give approximately similar values and trends.

The critical diameter of Li et al. (2003) is similar to the bubble departure diameter prediction of
Jensen et al. (1986) assuming a contact angle of 35°. The effect of fluid properties is important.
The fixed diameter threshold is not very realistic but only act as rough guidelines.
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Figure 3: Comparison of selected macro-to-micro scale transition criteria for R-134a as a function
of reduced pressure (the points come from a simulation, there are not data points).

1.1.5. Numerical Approaches

Onbasioglu (2004) applied the Volume of Fluid (VOF) and Eularian methods in a commercial
numerical fluid dynamics software to simulate two-phase flows inside small channels. He vali-
dated the computation procedures with macro-scale flow pattern experiments changing the
channel size to discern the transition point where the conventional governing equations fails.
Based on his simulations, he proposed a qualitative two-phase macro to micro-scale transition
for air and water.

Zun (2007) also presented a detailed numerical simulation of elongated bubble flows in horizon-
tal channels comparing the liquid film thickness at the top of the bubble to that at the bottom of
the bubble. He used R-134a at a saturation pressure of 7.74 bar. Channel diameters were com-
pared in terms of:
Re = pPiugdpup

W

Eo = 9P1=pu)diyy
ag

e Reynolds number:

e EOtvos number:

) —p,))d3
e Archimedes number: Ar = 9P v)dbyp

uf
ud
e Weber number: We = pl{%
ug
e Froude number: Fr =
9dpup
H u
e Capillary number: Ca =14

g

The dimensionless numbers refer to the bubble “nose diameter” denoted by dbun While ug is for
the bubble velocity. The top to bottom liquid film thickness ratio was to account for the different
forces acting on the shape of the moving bubble and the resulting relative thickness of the liquid
films. The values from this method is comparable with Li et al (2003) above.



1.2. Flow Boiling Heat Transfer

This section describes the flow boiling heat transfer mechanisms and the heat transfer trends during
flow boiling in small channels. Experimental results from different studies are difficult to compare
since there is not any officially accepted benchmark. It is possible to divide heat transfer mecha-
nisms into three different categories:

1. nucleate boiling dominant, dependent from heat flux,

2. convective boiling dominant, with the heat transfer coefficient dependent on mass flux and
vapor quality but not from heat flux,

3. heat flux dominant, dependent from liquid film evaporation around elongated bubbles.

1.2.1. Macro-scale Flow Boiling

During 1950 and 1960, scientists have recognized that the heat transfer coefficient, in macro scale
flow boiling, is an interaction of nucleate and convective boiling. In macro scale flow boiling chan-
nels, the heat transfer can be classified according to nucleate boiling, dependent from the formation
of vapor bubbles at the tube wall surface, and to convective boiling, where the heat is transferred
through conduction and convection through a thin liquid film at the evaporative liquid-vapor inter-
face.

For simplicity, only one type of flow boiling at time is analysed at time, and the heat transfer mech-
anism can switch from one type to other at same point. More than one flow boiling mechanism can
coexist and the changing is associated with vapor quality increase. The convective boiling gradually
substitutes the nucleate boiling. Boiling is a complicated phenomenon where drag force of convec-
tion mechanism gradually superimposes buoyancy force of nucleation mechanism. Steiner et al.
(1922), studying the characteristic of flow boiling in vertical tube, discovered that convective boil-
ing is the only mechanism for heat fluxes below the onset of boiling where the heat transfer coeffi-
cient is independent of heat flux over a wide range of vapour quality. Moreover, heat transfer coef-
ficient is also independent from mass flux and vapour quality for high heat flux in a fully developed
nucleate boiling. Next Figures (4, 5) illustrate a classical flow boiling process:
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A careful analysis of the images brings to the following conclusions:

1. Nucleate boiling onset is reached near initial quality X = 0 (subcooled boiling is possible)
and the heat transfer coefficient increases.

2. For low heat fluxes, convective boiling is significant and becomes the dominant mechanism
when the vapour quality increases.

3. For intermediate heat fluxes, the heat transfer coefficient is largely independent of vapour
quality before reaching a constant value at higher vapour qualities where convective boiling
becomes dominant.

4. For high heat flux nucleate boiling is dominant before critical heat flux.
5. The nucleate boiling coefficient values increase with the increasing of saturation pressure.

Kattan et al. (1998) performed in-tube flow boiling experiments for five refrigerants, (R134a, R-
123, R-402A, R-404A and R-502) in a 11.9 mm copper tube for a wide range of parameters to study
the effects of local flow patterns on flow boiling heat transfer.The authors proposed a flow boiling
model that uses a more fundamental approach in predicting the local heat transfer coefficients by
incorporating a simplified flow structure into the heat transfer prediction as a function of the local
flow pattern, i.e. Stratified-wavy, fully Stratified, Intermittent and Annular flows.

Next figure (6) illustrates the simplified two-phase flow structure used in their heat transfer predic-
tion:
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Figure 6: Liquid-vapor regions, stratified and dry angles from Kattan et al. (1998)

Woijtan et al. (2005) performed some flow boiling tests for R22 and R410A in horizontal tubes with
8.0 and 13.84 mm internal diameters. Their work implements several important modifications to the
flow pattern map of Kattan et al. (1998) by subdividing the stratified wavy region into three sub-
zones: slug, slug/stratified wavy and stratified wavy. The extension of heat transfer prediction mod-
el includes dry-out and mist flow by the addition of an annular to dry-out and a dry-out to mist flow
transition. Figure (7) show the comparison of their new prediction method and a macro scale flow
pattern map with the flow boiling experimental data of Lallemand et al. (2001) for refrigerant R22
in a 10.7 mm diameter tube.



R-22, G=150ngim’s, Teat=13"C, O=10.7mm, g=10. 00w
T T T T T T T T T 00

R-22, G150 hpim’s, Taar=12"C. G=10. Tavn, g T80
! T T T T T T

§

A5

A S0
E
= aso0 50
E €

3000 - L
ég’ B
© 7500} fzsn
2
& 2w} %mn—
: H
Emal PETY B
H ;
8
= 1000 b

L

B oL aeriEng (200 : ; : ; ; ; ; | j i

K] [F) T [0 N EREE) b [X) ) FE) Y] 05 [T
Wapor quality [-] Wagear quality [-]

R-23, G=2sokg/m’s, Teat=12"C, O=10.Tmm, g="0.08Wn7
T T T T T T T T T

L L !
T 0§ 03 1

o

R-22. G=2Ebkgms. Tea42°C, D10 Tram. q=1 0 Pl
T T T T T T T

T v
T
450
o -
=z 406
-
E
E oml-
= 3w
t g
ol i
E .
L om0l
8 oy 5
E FELUS
S
£ o001 5130—-
4
10a-
1m0l
| [ .
: : ; . : : : x5 i ; H i ; H i
] 04 05 0E D7 BE 4B 1
% L8] nz na a4 a5 e ar an 0.3
Wapar guality [-] Wapor dueality =]

Figure 7: Wojtan et al. (2005) and Lallemand et al. (2001) flow boiling comparison charts

Jabardo et al. (2000) investigated on convective boiling for R22, R134a and R404a refrigerants in a
copper channel with an internal diameter of 12.70 mm. They studied the influence of physical pa-
rameters of mass flux and heat flux on flow boiling heat transfer. Figure (8) shows the obtained
flow boiling heat transfer.
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1.2.2. Flow Boiling in Micro-channels

Over the past several years, single micro channel tubes have been investigated. Today, multi micro
channels have gained attention for microelectronics and power electronics applications due to the
challenge of removing high heat fluxes produced by transistors. Thome et al. (2005), Cheng et al.
(2004), and Consolini et al. (2008) have made the most important studies about flow boiling in mi-
cro channels. Agostini et al. (2012) presented a comprehensive state of the art of high heat flux
cooling technology. Furthermore Hetsroni et al. (2005), Xu et al. (2006), and Harirchian et al.
(2009) have contributed broadly to the field of multi micro channel two phase flow boiling. Below
the most important works are described.

Jiang et al. (2002) tested a transparent micro channel heat sink fabricated by bonding a Pyrex glass
cover plate onto a silicon wafer. The chip is about 10 x 20mm? in size, comprising either 34 or 35
micro channels with triangular cross-sectional areas. The authors distinguished three stable boiling
modes during the experiments. Moreover, they investigate the dependence of the flow regime on the
input power level:

e At low input power local nucleate boiling is prevalent.
e At high input power a stable annular flow is prevalent.
No bubbly flow regime appears in the test section (in contrast to macro channels).

Zhang et al. (2002) made another experiment with channel diameters from 25 to 60 um, without any
bubbly or slug flow.

Wu et al. (2003) investigated on convective heat transfer and pressure drop for silicon parallel mi-
cro channels of trapezoidal cross-sectional areas with water as refrigerant. The number of parallel
channels varied from 8 to 15. They observed an alternative two-phase and single-phase flow. Tem-
perature and pressure oscillations were present in the fluid. The authors associated these instabilities
with contradictory results found in the literature by Wang et al. (2003).

Chen et al. (2004) studied boiling heat transfer of FC-77 in 24 silicon micro channels of 389 x 389
um of cross-sectional area. The experiment showed that:

e For low heat flux bubbly flow is dominant.
e For higher heat flux wispy-annular and churn flows appears

A partial wall dry-out can cause a drop of heat transfer coefficient and instabilities in wall tempera-
ture that increase with heat fluxes. The experiment showed how heat transfer coefficient and pres-
sure drop in a fully developed flow boiling are independent of flow rate.

Zhang et al. (2005) extend the Chen et al. (2002) correlation for heat transfer analyzing and con-
fronting 13 separate databases with some of the most widely quoted correlations for two-phase heat
transfer in conventional systems. Chen’s superposition model gave the best outcome. The authors
observed that for liquid Reynolds numbers less than Re; < 2000 the calculated heat transfer coef-
ficient was inconsistent. Chen’s superposition model for convective boiling states that heat is trans-
ferred by two competing mechanisms: the nucleate boiling and the convective vaporization. The
Zhang model instead proposed an overall heat transfer coefficient that is given by an additive law
that combines the different contributions:



a = npp + gy

The nucleate boiling term is expressed as the product of the nucleate pool boiling value (anps) With
an enhancing factor computed at the corresponding wall superheat. Forster et al. (1995) correlation
was used with a boiling suppression factor, S, that accounts the suppression of bubble nucleation
due to the convective nature of the two-phase system. Besides, the convective contribution depends
on the flow properties and is given as an all liquid heat transfer coefficient multiplied by a two-
phase correction factor, F. It can be expressed as follows:

Kpp = S Knpb
o, = F oy

Zhang et al. (2005) suggested to use a laminar or turbulent expression for the all liquid heat transfer
coefficients according to the value of the liquid Reynolds number. Moreover, for the two-phase fac-
tor, F, they used the larger value of 1 and an expression, F based on the Martinelli parameter, X:

C l
F'=0.64 1+ —
J( ),

where C is the Chisholm’s constant. For the suppression factor S, they propose to use the following
expression:

1
S =
| +2.53 x 10-6Re/ """

This expression is like the one proposed by Chen et al. (2002) but it has the liquid Reynolds number
in the place of the two-phase Reynolds number. This is due to their choice to assume the nucleate
boiling suppression mechanism to remain the same as in the macro-scale.

Lee et al. (2008) used deionized water to study saturated flow boiling heat transfer and pressure
drop in a 400 um deep silicon micro-channels. The channel width varied from 102 um to 997 um.
They developed a new heat transfer coefficient and pressure drop models and compared it with ex-
isting prediction methods obtaining a good agreement.

Lazarek et al. (1982) investigated the evaporation of R-113 in a 3.1 mm stainless steel tube in a ver-
tical test section divided in two parts. They performed their experiments starting with sub-cooled
liquid at the inlet. Figure (10) show their data for sub-cooled and saturated flow boiling. The tests
result indicates a strong dependence on heat flux but a negligible influence of vapor quality. This is
quite different than the usual trend in macro-scale flow boiling where the heat transfer coefficient
rises with increasing vapor quality and be less sensitive to heat flux. This suggested that nucleate
boiling was controlled by heat transfer process in their 3.1 mm test section.
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Figure 9: Flow boiling data of Lazarek et al. (1982) for R-113 in a 3.1 mm channel.

The equation is:

Nu; = 30Re;*>"Bo%71*
With:

e Rey, = GD/y,;, the all-liquid Reynolds number,
e Bo = q/(G * hy,) the Boiling number,
e G the mass velocity of the total flow of liquid and vapor.

The equation expresses no dependence of the heat transfer process on the local vapor quality.

Schneider et al. (2007) studied convective heat transfer for a cavitation and non-cavitation flow of
R-123 in silicon multi micro-channels having a hydraulic diameter of 227 um. In order to initiate
cavitation and enhance heat transfer a 20 um x 200 um rectangular micro orifices were installed at
the entrance of each channel. The experiment returned a heat transfer coefficient for flashing flow
84% higher in comparison to non-flashing flow. Thus, the two-phase flashing flow dominates the
convective boiling, while for the non-flashing flow, it was hypothesized to be either the nucleate
boiling or convective boiling depending on vapor quality.

Kandlikar et al. (2004) made a correlation for conventional tubes. Traditionally the local two-phase
heat transfer coefficient was determined according to the value of the dominant mechanism between
nucleate boiling (nb) and convective evaporation (cv):

a = max(a,y; Aey)

The equation for the two coefficients were developed for all-liquid Reynolds numbers, Re;, >
3000. Coefficients was expressed in function of:



@zf (p_v)0'5<1—x>' q G? i
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a  \p x "Ghy, ' pigD’

The characteristic sets are: the Convection number Cv, the Boiling number Bo, the all-liquid Froude
number Frio, and the vapor quality. For developed flux, the author recommended to use the Gniel-
inski transition correlation and, Petukhov and Popov correlation for full-turbulent low. Moreover,
for smaller channels where Re < 3000, the authors said that the preceding single-phase correla-
tions are inconsistent. Furthermore, due to the reduced effect of gravity in micro-channels, the
Froude number can be removed from relations. Therefore, the following modified correlations for
onp and oy are:

a
—2 = 0.6683Cv™"%(1 — 1)°® + 1058B0°7 (1 — %) *°Fy;
l

a

— = 1.136Cv™%(1 — x)*8 + 667.2B0%7 (1 — x)°®F;

a;
Fst 1s a constant that was used to fit the expressions to each particular tube material-fluid combina-
tion. The authors also suggest some variation in the model for different Reynolds number range:

e For 3000 < Re, use the standard model relations.
e For 1600 < Rey,, < 3000 interpolate between laminar and transition correlations for ou.

e For 100 < Re;, < 1600 the flow is laminar; a laminar correlation like Nu = «; *%*l IS

applicable.
e For Re;, < 100 the heat transfer equationisa = ay,.

Note that the nucleate boiling and convective boiling heat transfer correlations are both identical,
except for values of the two constants and one of the exponents. Thus, it is not clear how one repre-
sents nucleate boiling and the other convective boiling.

Bogojevic et al. (2009, 2011) studied the flow boiling instabilities in a silicon heat sink with uni-
form and non-uniform heating. The test section was composed of 40 parallel channels having a hy-
draulic diameter of 194 um and a length of 15 mm. They demonstrated the existence of different
flow regimes in channels along the transverse direction. From the experiment resulted that inlet lig-
uid sub-cooling have an influence on the stability and uniformity of wall temperature. It rises with
the increase of liquid inlet temperatures. They confirmed the observation of Hetsroni et al. (2003)
that non-uniform heating enhances the micro-channel flow boiling instabilities.

Bertsch et al. (2008, 2009) proposed a heat transfer correlation for saturated flow boiling consider-
ing the effect of channel size and applying a superposition of nucleate boiling and convective con-
tributions. They developed a model based on a database from 14 studies, which included 12 differ-
ent fluids, vertical and horizontal channels (both single and multiple) with diameters ranging from
0.16 to 2.92mm and confinement numbers from 0.3 to 4.0. The correlation is in a good agreement
with the experimental results.



Harirchian et al. (2012) presented a flow regime map for FC-77 in parallel silicon micro-channels.
Only one fluid at one saturation temperature were tested. This work developed a predicting heat
transfer method for: slug, confined annular, bubbly, and alternating churn/annular/wispy-annular
flows. To predict the liquid film thickness in the elongated bubble they used a modified three-zone
model of Thome et al. (2004). The channel locations where the flow transforms from bubbly to
slug, and consequently to annular, flow were determined, and then the pressure drop for each re-
gime occurring along the channel was separately calculated.

Tran et al. (2008) in their experiments on R-12 and R-113 observed that for wall superheats above
2.75 K the heat transfer data express a strong dependence from the heat flux. They explained this
with the macro-scale mechanism of nucleate boiling. The authors therefore modified the correlation
of Lazarek and Black (1982), by replacing the Reynolds number with the Weber number:

2GD

- po
They removed viscous effects in favor of surface tension. The liquid to vapor density ratio was add-
ed to further account for variations in fluid properties. They proposed the following expression:

€lo

04
a = (8.4 % 105)Bo%We)? (,0_)
v

The first coefficient is dimensional and has the units of W/(m?K). The equation removes any de-
pendence on bulk velocity of the heat transfer coefficient. Moreover, it yields the following propor-
tionality between the heat transfer coefficient and the channel diameter: a(D°3), which seems to be
the opposite of experimental trends found in later studies. Figure (10) shows their results. Their
data shows a little influence of vapor quality on the heat transfer coefficient but a large effect on
the heat flux. They attributed this heat flux effect to the dominance of nucleate boiling in their small
channel.
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Figure 10: Flow boiling data of Tranet et al. (2008) for R- 12 evaporating in a 2.46 mm circular
channel.

Jacobi et al. (2002) proposed a simple analytical two-zone model of thin film evaporation for elon-
gated bubbles. They demonstrated that film evaporation is the dominant heat transfer mechanism in
micro-channels in comparison to macro-channel nucleate pool boiling mechanism.



Thome et al. (2004) modified the previous two-zone model to take in account the time averaged lo-
cal heat transfer. He made a new three-zone model that treats evaporation of elongated bubbles as a
cyclic passage of a liquid slug, an evaporating elongated bubble, and a vapor slug. They compared
their local heat transfer coefficients with an experimental database including more than 1500 data
points from seven independent studies.

Lin et al. (2012) studied evaporation of R-141b in a vertical 1.1 mm tube. Their test section has an
atmospheric outlet pressure and the inlet pressure ranged between 1.34 and 2.19 bar. Due to the rel-
atively low pressure compared to environment temperature, their data includes a small saturation
pressure effect. They found a significant influence of vapor quality on the heat transfer coefficient
that is in opposition from different studies. At high heat fluxes, their data exhibit a sharp peak at
low vapor qualities followed by a monotonic decrease. At low heat fluxes, they had a significant
monotonic rise in value of vapor qualities up to a peak of x = 0.60. At intermediate heat fluxes,
from 42 to 48 kW/m?, the heat transfer coefficients were nearly independent of vapor. Their results
show a complex dependency of the heat transfer coefficient on heat flux and vapor quality than
those in previous studies. Lin et al. (2012) hypothesized that nucleate boiling dominate at low vapor
qualities and that convective boiling dominate at high vapor quality. Next Figure shows some of
their results.
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Figure 11: Flow boiling data of Lin et al. (2012) for R-141b inside a vertical tube of 1.1 mm at 510
kg/m?s.

Agostini et al. (2008) investigated on a two-phase flow cooling a silicon chip at high heat fluxes.
They used R236fa and R245fa as working fluids. The experimental section had 67 channels and was
223 um wide, 680 um high and 20 mm long. The base temperature of the multi micro-channel heat
sink was 52 C° while the maximum heat flux was 255 W/cm?. The inlet sub-cooling was 10K and
the pressure drop across the channel 90 Kpa. The cooling performance provided by two-phase flow
for such chip is better than the single-phase liquid cooling at the same pumping power. The top of
the channels was closed with a transparent plate for flow visualization while small rectangular ori-
fices were made at the entrance to each individual channel by the connection of the inlet distributor
to the channels. These orifices uniformed flow and prevented back flow into the inlet distributor. In



addition, they flashed the sub-cooled inlet liquid to “jump start” of the boiling process with a stream
of bubbles. Bubbles grew along the channels avoiding any temperature overshoot to initiate the
boiling process. This phenomenon resolved several annoying problems with multi micro-channel
evaporator elements in one stroke. Fig. (12) shows some of their results.
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Figure 12: Flow boiling data of Agostini et al. (2008) for R-236fa for mass velocity of 810.7 kg/m?s,
and pressure of 2.73 bar. The photograph shows the silicon test section without its cover plate.

In figure 12, heat transfer coefficients at low heat fluxes increase with vapor quality until intermedi-
ate heat fluxes, where they first increase with vapor quality and then show nearly no influence of
vapor quality. At higher heat fluxes the heat transfer coefficients start to decline with increasing va-
por quality. The local heat transfer coefficients have a base heat fluxes over 200 W/cm?, which are
in the range of those required for the design of computer microprocessor cooling elements.

Agostini et al. (2008) have also measured local flow boiling heat transfer coefficients in the same
experimental section. They used one central inlet at the center of the channel length and two outlets,
one at each end, to reduce the two-phase pressure drop. They could uniform base temperatures at
base heat fluxes up to 210 W/cm?. The highest base heat flux they reached was 255 W/cm?. It is not
the critical heat flux. This was a limitation of the pump. The pressure drop at this condition was
about 0.9 bar, but about one-third of this was due to the orifices not necessary in actual cooling ap-
plication. In their tests, they reached flow boiling heat transfer coefficients, up to 180 kW/m?K.

Borhani et al. (2010) developed a new time strip technique to analyze the image sequences taken by
a high-speed camera during the flow boiling of R245fa in the test section Agostini et al.(2008). The
results were in conflict each other and with heat transfer coefficients. The authors explained that by
an intermittent dry-out and rewetting mechanism of the liquid film trapped between the channel
wall and the elongated bubble.

Saitoh et al. (2005, 2007) investigated flow boiling of R-134a in 0.51, 1.12 and 3.1 mm horizontal
tubes over a significant range of conditions. They found that mass velocity decrease with decreasing
tube diameter even though an increase of heat transfer. The fluid entered their experimental section



as a two-phase flow. They only observed annular flows and intermittent (plug and slug) flows.
Their section had a vapor qualities limit to x > 0.2, which precluded from obtaining any data in the
bubbly flow regime. The heat transfer was highest in 0.51 mm tube for vapor qualities less than
0.05.

Owhaib et al. (2010) studied the tube diameter effects with R-134a. They found that the heat trans-
fer coefficient becomes higher as tube diameter decreases. Their experimental section had vertical
glass tubes of 0.83, 1.22 and 1.70 mm diameters.

Martin-Callizo et al. (2007, 2010) presented results for a vertical 0.64 mm stainless steel micro-
channel. They found that the dominant effect in flow boiling for micro-channels is the heat flux
while mass velocity is less important. In addition, they observed that heat transfer coefficient is
barely influenced by vapor quality until high heat fluxes are reached.

Park et al. (2009) and Thome et al. (2010) presented a new saturated critical heat flux (CHF) data-
base for multi micro-channel copper elements with low-pressure refrigerants (R134a, R236fa, and
R245fa). They tested two different heat sinks with a different aspect ratio on a wide range of mass
and heat fluxes. The channels were 467 x 4052 um? and 199 x 756 um?, respectively. The compari-
son of the data with the available CHF methods showed good agreement with predictions of Katto
et al. (2002), Revellin et al. (2005, 2006) and Wojtan et al. (2005). A flow visual inspection as-
sessed the effect of inlet orifices used for each channel. The authors reported a substantial im-
provement of flow stability with the micro-orifices in place. Furthermore, no back flow appeared
and they observed a better flow uniformity. The orifices produced an additional pressure drop, with
the consequent reduction of sub-cooling and in some cases vapor flashing. Moreover, if a lower
heat flux was imposed at the start of experimental section, the wall-temperature distribution be-
comes uniform and the overshoot for the onset of boiling is significantly reduced.

Mauro et al. (2010) makes new tests with the split flow configuration (one inlet and two outlets) in
199 x 756 um? channels with same refrigerants used by Park et al. (2009). They found a lower pres-
sure drops accompanied by higher CHFs if compared with the single inlet-outlet system. The corre-
lations of Wojtan et al. (2005), and Katto et al. (2002), agreed with the obtained CHF database for
R134a, R236fa, and R245fa. The mean absolute error was 8.92% considering an error range of
30%. The numerical model of Revellin et al. (2008) provided a Mean Average Error of 14.2%.

Bao et al. (2000) studied local flow boiling for R-11 and R-123 inside a copper channel of 1.95
mm. They used a single piece of tubing, 870 mm long where first 400 mm was unheated followed
by 270 mm of hated test zone and ended with another a 200 mm of unheated zone. They tested
the section for mass velocities from 50 to 1800 kg/m?s, enthalpies from sub-cooled to saturated
and, heat fluxes from 5 to 200 kW/m? Everything in a wide range of saturation pressures. Figure
(14) shows some of their results.
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Figure 13: Flow boiling data of Bao et al. (2000) for R-123 inside a copper tube with a diameter of
1.95 mm.

The heat transfer coefficient is in a straight relationship with heat flux, it increases with satura-
tion pressure, while the effects of vapor quality and mass flux is small, although there was a
slight decreasing trend in the heat transfer with increasing vapor quality. Thus, they concluded
that nucleate boiling dominates the heat transfer process. Baird et al. (2006), using the same
quantities of heat fluxes, saturated pressures and mass velocities, reported local heat transfer data
for R-123 in a 0.92 mm diameter tube and for CO, in the 1.95 mm tube of Bao et al. (2000).
They observed the same trends.

Ong et al. (2009) investigated flow boiling heat transfer phenomenon for R134a, R236fa, and
R245fa in a horizontal heated tube. Experimental section used tubes of 1.03 mm. They classified the
slug flow in micro-channel systems into isolated and coalescing bubble flow, which converts into
annular flow for higher vapor qualities. A dependence of heat flux on heat transfer coefficients at
low vapor qualities was observed. Moreover, in the annular flow regime for low-pressure fluids, the
convective boiling mechanism becomes dominant with the vapor quality increase. The method pro-
posed by Ong et al. (2010) was in a good agreement with the database of Arcanjo et al. (2010). The
model of Saitoh et al. (2007) described the heat transfer data bank of Tibirica et al. (2012). The new
criterion was developed for the threshold from micro to macro scale; the confinement number, Co.

Consolini et al. (2010) studied the coalescing bubble flow during convective boiling heat transfer in
micro tubes. They present a new one-dimensional model for evaporation of confined bubbles. The
model, like the model of Thome et al. (2004), is based on the hypothesis that the thin film evapo-
rates into elongated bubbles. The comparison of the model to the experimental database revealed
the conclusion that the film evaporation mechanism governs the heat transfer, as widely confirmed
in literature.

Costa et al. (2011) examined two-phase flow of R245fa and R236fa in 135 silicon multi micro-
channels heated by 35 local heaters. The channels were 85 pum wide, 560 wm high and, 127 mm
long. Channels are separated by a 46 wm wide fins. They developed a new experimental technique
to determine the outlet restriction pressure drop which represent up to 30% of the total pressure loss



through the micro-channels. The experimental results were in a good agreement with the annular
flow model of Cioncolini et al. (2011) that used the Lockhart and Martinelli criterion for the isolat-
ed bubble regime.

Madhour et al. (2007) tested flow boiling of R134a at a saturation temperature of 63 °C. The exper-
imental section was developed with a copper heat sink with 100 parallel channels and 35 local heat-
ers and temperature sensors. They made many tests; 3D-IC chips with interlayer cooling were the
main subject of their work.

1.2.3. Conclusions

All the experimental work here reviewed showed a dominant effect of heat flux on the heat transfer
coefficient. Besides the influence of forced convective boiling on heat transfer is insignificant (an
exception is i.e. works of Lin et al. (2012)). The increasing of heat transfer in the annular flow re-
gime suggests that forced convection are dominant in confined channels. The experimental data un-
der stable two-phase micro-channel flows indicated the importance of the fluid properties on the
flow boiling heat transfer process in confined micro-scale channels. Most studies have not measured
sub-cooled liquid laminar and turbulent flow heat transfer coefficients. In addition, many studies do
not report the internal surface roughness of the test section, which may influence the heat transfer
process. Achieving steady-state conditions seems to be the most important thing and hence it is im-
portant to label data as being obtained at stable or unstable conditions. Finally, for non-circular
channels the channel perimeters are often not reported.



1.3. Flow Pattern and Maps for Micro-channels

This paragraph disserts on the two-phases flow pattern studies for micro channels and their differ-
ence from macro channels due to differences in the phase change phenomena. Appling an extrapo-
lation method to use heat transfer and flow pattern studies for the macro scale on micro scales is un-
realistic for heat transfer. Usually the flow patterns are recognized by visual inspection, though oth-
er means such as analysis of the spectral content of the unsteady pressures or the fluctuations in the
volume fraction have been devised for those circumstances in which visual information is difficult
to obtain. In transiting from macro scale to micro scale flows, gravity dominance is successively
surmounted by surface tension forces. It results in a gradual suppression of some macro scale flow
regime that came gradually with the diminishing of channel size to a condition where gravity force
is negligible. The suppressed flow regime is the stratified flow because stratification is a conse-
guence of buoyancy forces. In addition, slug, plug and stratified wavy flows converge into elongat-
ed bubble regime in reason of the predominance of surface force due to the reduced channel size.
Following in this paragraph a review of two-phase flow patterns for macro and micro scale channels
is reported. In summary, there are many challenges associated with a better understanding of flow
patterns and considerable work is necessary before a reliable design tools become available.

1.3.1. Flow Pattern in Macro-scale

For the simpler macro scale flows, such as those in vertical or horizontal pipes, many investigations
were made to determine the dependence of the flow pattern on volume fluxes, volume fraction and
on the fluid properties such as density, viscosity, and surface tension. Flow regime maps display the
results that identify the flow patterns occurring in various parts of a parameter space defined by the
component flow rates. The used flow rates may be the volume fluxes, mass fluxes, momentum flux-
es, or other similar quantities depending on the author. The boundaries between the various flow
patterns in a flow map occur because a regime becomes unstable at transition to another flow pat-
tern. Like the laminar to turbulent transition in single-phase flow, these multiphase transitions can
be rather unpredictable since they may depend on otherwise minor features of the flow, such as the
roughness of the walls or the entrance conditions. There are many problems in the using of flow
maps. One of the basic fluid mechanical problems is that these maps are often dimensional and
therefore apply only to the specific pipe, sizes and fluid, but sometimes is possible to generalize.
However, generalizations can only have limited value because several transitions are represented in
most flow pattern maps and the corresponding instabilities are governed by different sets of fluid
properties. Neither for the simplest duct geometries exist a universal and dimensionless flow pattern
maps that incorporate dependence of the boundaries on the fluid characteristics. In general, the type
of two-phase flow pattern observed in a channel depends on the respective distribution of the differ-
ent phases taking a particular configuration. There are some possible distinguishing criteria, such as
the relative importance of various forces, i.e. inertia, viscosity, buoyancy and surface tension. Some
schematic of evaporative flow patterns occurring in both horizontal and vertical tubes are illustrated
in Figure (15).
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Figure 17: Illlustration of the sequence of two-phase flow patterns during evaporation from Collier
et al. (1994).

Numerous two-phase flow pattern observations are available in the literature. Apparently Suo et al.
(1963), who observed three different flow patterns in channels of 1.03 and 1.60 mm diameter, made
the first study on flow patterns in micro-channels. Their study covered heptane and water as the lig-
uid phase, and helium and nitrogen as the gas phase.



Another study came from Cornwell et al (2001) who noted three different flow patterns in rectan-
gular channels of 1.2 x 0.9 mm and 3.5 x 1.1 mm. They used R-113 and R-141b for tests: isolated
bubbles, confined bubbles, and slug/annular flow.

Hewitt et al. (1969), Baker (1954), Taitel et al. (1976) studied adiabatic flow maps. Sato et al.
(1971), Kattan et al. (1998) and Wojtan et al. (2005) studied instead adiabatic flow maps.

Sato et al. (1971) studied saturated flow boiling of water in a vertical rectangular cross section of
internal diameter 1510 mm and with a heated length of 1 m. The author classified the flow patterns
into bubbly, slug, slug/annular, annular and annular/bubbly flow. Figure (19) shows the flow pattern
data for water with transitions lines included.
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Figure 18: Flow pattern map for flow boiling of water in a 15x%10 mm channel from Sato et al.
(1972).

Many others have observed these three basic flow patterns: Damianides et al. (1988), Wien et al.
(1995)], Kasza, Didascalou et al. (1997), Lin, Kew et al. (1998) Sheng et al. (2001) and more over.

Instead, Coleman et al. (2002) divided, their observations of 16 different regimes, into four tradi-
tional sets: dispersed, intermittent, wavy and annular.

These sets were then subdivided as follows:

e dispersed flow into 3 types of bubbly flow,

e intermittent flow into 4 types of slug and plug flow,
e wavy flow into 4 types of waves,

e annular into 5 categories of annular films.

Following are reported two different flow maps for both vertical and horizontal tubes. Figure (20,
21)
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Figure 20: The vertical flow regime map of Hewitt et al. (1969) for flow in a 3.2 cm diameter tube,
validated for both air/water flow at atmospheric pressure and steam/water flow at high pressure.

Hetsroni et al. (2003) realized some high-speed videos that documents the intermittent dry-out phe-
nomenon in single and multi-micro channels due to the very rapid vaporization at high heat fluxes
with water in a 0.150 mm channel. In his videos, the channel dries out and remains locally dry until
flow is reestablished and a liquid meniscus can be seen that arrives and rewets the surface. They ob-
served the Liedenfrost effect on a rewetting or not rewetting surface at high thermal flux, the latter
of which would result in CHF if the substrate is not able to conduct the heat away from the local hot
spot to wetted zones.

Xu et al. (2005) performed a visualization study that included an explosive evaporation in micro-
channels. Next figure (22) shows the cyclical process at very high heat fluxes.
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Figure 21: Sequence of flow patterns observed by Xu et al. (2005) in a rectangular microchannel
during high heat flux operating conditions

Figure A shows the elongated bubble flow with a liquid slug and vapor bubble:

1. liquid slug,
2. vapor bubble.

Figure B shows a bubble apparition inside the liquid slug:

3. bubble in liquid slug,
4. multiple bubbles in liquid slug.

Figure C shows numerous bubbles evident within the liquid slug:
Figure D shows annular flow after the liquid expunge:

5. liquid film in corner of channel,
6. Vvapor core.

The flow expands away very rapidly in both directions from the point of occurrence. This sequence
of events documents the activation of nucleate boiling sites within the liquid slug that occurs be-
cause of the high heat flux.

Nino et al. (2000) and Jassim et al. (2001) have approached two-phase flow mapping in horizontal
micro-channels in a new manner. Instead of categorizing a specific flow regime they determined the
time fraction that each type of flow regime. Analyzing the flow by image processing they observed
evaporators at a given mass velocity and quality in a singular channel or in multi micro channels.
This probabilistic flow mapping technique captures simultaneously different flow regimes in differ-
ent channels. Figure (23) exemplify the result, some of the channels are in annular flow and others
are in intermittent flow.



Figure 22: R410A at 10°C in a multi micro channel from Nino (2000) for flow in flat channels of
1.54 mm hydraulic diameter at x=0.17 at 100 kg/m?s

In the proximity of a transition boundary, this yields a statistical approach act to characterize the
beginning and the ending of the transition band. Their probabilistic map was used to model pressure
drops and void fractions for each type of regime and for every probability of occurrence.

1.3.2. Micro-scale Two-Phase Flow and Flow Maps

This paragraph presents a short of numerous mini and micro scale, adiabatic and not, two-phase
flow pattern studies. Literature is full of works on micro scale two-phase flow maps, hence, in this
thesis there are described only the most important.

Kawaji et al. (2004) presented a comparative review of adiabatic two-phase flow patterns. They
recognized that two-phase flows in macro channels and mini channels exhibit morphological simi-
larity. They based the analysis on the study of Triplett et al. (1999), Damianides et al. (1988) and
Fukano et al. (1995). They also reviewed the work done by Serizawa et al. (2000), Kawahara et al.
(2005) and Chung et al. (2004) pointing out the significant difference in the observed two-phase
flow patterns unique to micro channels.

Figure (24) presents schematics of mini channel and micro channel flow. Here the use of the term
"mini channels™ is given to flows thought to be in the transitions state between macro scale and mi-
cro scale.
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Figure 23: Two-phase flow regimes from Kawaji et al. (2004): (a) Mini channel flow patterns and
(b) micro channel flow patterns.

Suo et al. (1963) involved gas to liquid two-phase flow pattern observations in capillary tubes
providing the first insight of the two-phase distribution in micro scale channels. They used as work-
ing fluid a mix of air—water, water—nitrogen and N2—heptane with nitrogen. The experimental
section have channels of 1.03 and 1.60 mm diameter. They identified, by the experiments, only
three distinct flow patterns: bubbly-slug, slug and annular flow. The flow pattern map proposed by
Suo et al. (1963) as a function of capillary number, Ca and volumetric quality is shown in Figure
(25).
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Figure 24: Flow pattern map of Suo et al. (1963).

Serizawa et al (2002) provided an interesting overview of the two-phase flow patterns for micro-
channels. Figure (26) shows their flow pattern observations made for a 0.100 mm glass channel with
steam-water. Here, a new flow pattern type was identified, namely liquid ring flow. They also ob-



served, for air-water in a 0.020 mm channel, a liquid ring flow that they named liquid lump flow.
Hence, this is apparently the first experimental evidence to support the case that there should be an-
other sub scale after micro-channel.
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Figure 25: Flow regimes observed by Serizawa et al (2002) in a 0.100 mm channel for steam-water
flows

Cubaud et al. (2004) studied air-water flows in small square channels. They observed that the liquid
film was continuous around the channel near the nose end of elongated bubbles and that near the
rear there were dry patches at the middle of each face. They called these wedge flows. This regime
is due to the large surface tension and contact angle of water and does not occur for other liquids.

A critical issue of two-phase flow patterns in micro-channels is how to identify them. High-speed
camera is not always able to distinguish flow regimes due to the difficulty to identifying and inter-
preting images, as it depends mainly from the reseracher. A better approach is to use optical tech-
niques as described below.
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Figure 26: Optical flow pattern identification technique by Revellin et al. (2008) for a micro-
channel.

Figure (27) depicts the two-laser and two-diode optical technique developed by Revellin et al.
(2008) for micro-channels. As the name can suggest the technique uses two low power lasers, of a
power less 1 mW, and two diodes. These are mounted together with a lens to focus the laser light
through the glass tube, the fluid, and then onto the diode. Using two lasers instead of one gives two
high frequency, light intensity signals, which can then be cross-correlated using signal processing to
determine the velocity of bubbles, for instance.

Figures (28, 29) of Revellin et al. (2008) show the obtained laser signals for the respective flow pat-
terns observed. First figure expresses the intensity of light in function of time for the light incident
on the diode. Even without any signal processing, it is possible to identify some flow patterns only
by comparing the signals to the corresponding images.

By the signal processing procedure described in Revellin et al. (2008), it is possible to distinguish:

e the flow pattern,

e the bubble frequency,

e the bubble velocity (by the delay time between two signals),
e the bubble length,

e the void fraction (from the elongated bubble velocity).
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Figure 27, 28: Temporal laser light intensity signals of and Revellin et al. (2008) for R-134a in a
0.509 mm glass channel at with mass velocity of 500 kg/m2s and temperature of 30°C and flow pat-
terns and transitions observed.

Figure (30) show the flow map proposed by Triplett et al. (1999), it is in function of the superficial
liquid velocity versus the superficial vapor velocity. They based their flow pattern on observations
of air-water in a 1.1 mm horizontal glass channel; a mixer was used to create the air and water flow.
They also made observations in a 1.45 mm channel and in several small semi-triangular tubes. The
created map shows some significant differences in the transition locations, probably caused by the
large difference in physical properties of air-water compared to R-134a. Hence, a flow pattern tran-
sition prediction method that incorporate the properties of the gas and liquid phases to generalize
the map for more fluids, is necessary.
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Figure 29: Flow pattern map of Triplett et al. (1999) for air-water in a 1.1 mm horizontal channel.

Coleman et al. (2003) and Killion et al (2002) proposed a graphical flow pattern maps based on
their extensive observations of air-water flows and R-134a in circular and non-circular channels.
They have also proposed an empirical expression for some of the transitions.



Yang et al. (2001) proposed a flow pattern map of superficial liquid velocity in function of the su-
perficial vapor velocity. They based on their observations made in a 2.0 mm channel. The transition
lines were quite different for air-water flows compared to R-134a flows.

Akbar et al. (2012) proposed a flow pattern map based on all available air-water observations with
hydraulic diameters less or equal than 1.0 mm following the methodology adopted by Lowe and
Rezkallah (1999). For their surface tension dominated zone (comprised of bubbly, plug and slug
flows), its upper threshold boundary is determined in terms of the liquid (SL) and vapor (SG) super-
ficial Weber numbers.

e Wesg < 1.0 for Wes. > 3.0
o  Wesg < 0.17*Wes %3 for Wes. < 3.0

Where Wesg is below this boundary, the flow is in the surface tension dominated zone. Moreover,
the transition threshold bound the annular flow zone:

o Wesg > 771*Wes %1% and Wes. < 3.0

For all conditions above and to the left of this boundary, the flow is in the annular flow zone. In ad-
dition, the transition threshold bound the dispersed flow zone:

e Wes.>3.0and Wesg > 3.0

Therefore, at all conditions above and to the right of this boundary, the flow is in the dispersed flow
zone. The transition zone falls below the annular zone and above the surface tension dominated
zone as follows

o 0.11*Wes %315 < Wesg < 11*Wes %1* and Wes. < 3.0

Next figure (30) shows these boundary conditions within different studies and the one proposed by
the author.
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Figure 30: Flow pattern map comparison for circular and near-circular channels with diameter of
1mm from Akbar et al. (2012).

This map agrees very well with air-water data in channels of 1 mm diameter. Furthermore, they ob-
served that the superficial vapor and liquid Weber numbers work better for distinguishing flow pat-
tern transitions than the tradition superficial vapor and liquid velocities in micro-channels. Howev-
er, the map did not predict their flow pattern observations for R-134a in vertical small tubes of 1.10,



2.01, 2.88 and 4.26 mm. The main suggested reason is that the map is in a good agreement with the
results when the Bond number is less than 0.3, which corresponds to a channel diameter of about
0.25 mm at 6 bar for R-134a. Moreover, they concluded that non-circular channels with sharp cor-
ners might support different flow regimes and transition boundaries as compared to near circular
channels.

Chen et al. (2008) studies are in full contradiction with the results obtained by Coleman et al.
(2003) and the flow evaporation study of Revellin et al. (2008) for R134a and R245fa in a 0.5 and
0.8 mm channel.

Ong et al. (2005) showed an expansion of the annular flow regime when channel confinement num-
ber increases. From all their experiments in small channels, they noticed an increased dominance of
the annular flow regime.

Starting from the flow pattern observation of Triplett et al. (1999), Ullmann et al. (2006) proposed a
micro-scale flow pattern map that considers controlling mechanisms for each flow pattern transi-
tion. To make work macro scale flow pattern to micro-scale many significant modifications were
made by the authors to predict the transitions by their method for each transition. Farther, they not-
ed that the stratified flow region shrinks to a very small zone on their map at relatively very low
liquid flow rates and at very high gas flow rates. Therefore, their analysis showed that the difference
between a stratified flow, whose interface, is curved up to the top of the channel by capillary forces
and that the definition of annular flow becomes ambiguous in small channels since both regimes
look essentially equal, and can be classified only as annular flow.

Revellin et al. (2008) utilized flow pattern data, bubble frequency data and the CHF correlation of
Wojtan et al. (2006) work to create a new type of flow pattern map. This map classifies evaporating
flow regimes as described:

+ Isolated bubble regime:
» Bubbly flow: bubbles shorter in length than the channel diameter;
» Slug flow: bubbles longer than the channel diameter;

» Mixed bubble flows: where the frequency of bubbles increases with increasing
heat flux and vapor quality at a fixed mass velocity;

+ Coalescing bubble regime:

» Slug flows: long bubbles followed by aerated liquid slugs. Some short bubbles
may still exist, where the frequency of the bubbles decreases with increasing
heat flux and thus vapor quality at a fixed mass velocity;

» Churn flows: equal to coalescing slug flows;
« Annular flow regime:

* Smooth annular flows: nearly no interfacial waves;

* Wavy annular flow: interfacial waves are very evident;
+ Dryout regime

» Post dry-out region: after CHF at the critical vapor quality.



Figure (31) shows an example of some bubble frequency data obtained in a 0.5 mm channel of glass
detected using the laser/diode measurement technique earlier described.
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Figure 31: Bubble frequency data measured by Revellin et al. (2008) for R-134a for a 0.509 mm
micro-channel using their laser technique.

At a fixed mass velocity, the bubble frequency increase rapidly up to a peak. After the peak, the
frequency decreases first very sharply and then faster up to zero. The first slow decreasing tract in-
volves the coalescence of the smaller bubbles into long bubbles, and the slower fall off then is due
to the coalescence of the long bubbles into even longer. At the end annular flow is reached.

Figure (32) shows this new type of flow pattern map with the transition equations evaluated for
R134a at 30°C.

The local length along the uniformly heated channel can be obtained from an energy balance be-
tween the latent heat absorbed by the fluid and from the perimeter of the tube subjected to a heat
flux. The heat flux is also used to establish the location of the transition between the isolated bubble
regime and coalescing bubble regime. The lower end of the transition lines represents an extrapola-
tion below the lowest mass velocity, where notable flow instabilities begin.
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Figure 32: Flow pattern map from Revellin et al (2008) for evaporating flow in uniformly heated
micro-channel. Presently evaluated for R134a for diameter of 0.5 mm, length of 70 mm, saturation
temperature of 30°C, heat flux of 50 kW/m2 with no sub-cooling at inlet. Transition boundaries
(center curve of each set) are shown with their error bandwidth.

In the figure:

e Bo is the boiling number,

e Reis the liquid Reynolds number,

e Wey is the liquid Weber number,

e Weg isthe and vapor Weber number,
e B is the isolated bubble regime,

e CB is the coalescing bubble regime,
e Asthe annular regime,

e PD isthe post dry-out regime.

1.3.2.1. Conclusions

Many two-phase flow pattern and maps studies have been analyzed. The analysis evidences the
dominance of surface tension forces on micro-scale channels. When the channel size increases, the
buoyancy force suppress the surface tension forces. The fluid properties also play a key role in the
flow pattern transitions from one regime to another. The suppression of the stratified flow regime
and the convergence of the macro-scale intermittent flow regime into the elongated bubble flow re-
gime in micro-scale supports the idea of a macro-scale to micro-scale transition in between. In mi-
cro-channel flow, the isolated and coalescing bubble regime is suppressed, such as the annular flow
region that spans over an ever-wider range of vapor quality before reaching the onset of dryout. The
developing of mechanistic models able to predict local flow boiling heat transfer coefficients re-
quires significant information about the flow regime and its structure. For example, modeling flow
boiling in the slug flow regime in a micro-channel requires knowledge of the bubble frequency,
bubble length, liquid slug length and thickness of the liquid film trapped between the bubble and
the wall, etc.



1.3.3. Trends in Micro-channel Flow Boiling Data

Fig. (33) summarizes the trends in local flow boiling heat transfer coefficient o versus vapor quality
X as categorized by Agostini et al. (2008) reviewing 13 different studies.
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Figure 33: Heat transfer trends versus vapor quality by Agostini et al (2008)

The array of lines shows the trends found for local boiling heat transfer coefficient in function of
the vapor quality. The map denotes how the heat transfer coefficient vary with the parameter in the
frame. An arrow with the symbol shows the nature of the variation. A short description of the array
is reported as follow:

QX1 showed that the heat transfer coefficient has a decreasing trend regard the vapor quality
and that heat transfer increased with increasing heat flux g.

QX2 showed a similar trend except that the data all come together at higher vapor quality.
QX3 showed the data in which a increased versus x and with q.

X1 data decreased sharply with vapor quality but did not depend on mass velocity or heat
flux.

X2 data increased only with vapor quality and independent from mass velocity or heat flux.
The GX1, GX2, and GX3 showed three types of trends with respect to mass velocity and
vapor quality.

Most of the studies analyzed follow the boiling heat transfer trends represented by QX1 and X1 (11
out of 13). It can be concluded that:

at low to medium vapor qualities (x < 0.5), the heat transfer coefficient increases with heat
flux and decreases or is relatively constant with respect to vapor quality;

at higher vapor qualities (x > 0.5), the heat transfer coefficient decreases sharply with vapor
quality and does not depend on heat flux or mass velocity;

the effect of heat flux is always to increase the heat transfer coefficient except at high X,
whereas mass velocity varies from no effect, an increasing effect, or a decreasing effect.



1.4.Near Zero Gravity Conditions

While gravity plays an important role in the macro-scale, it has less effect in the micro-scale due to
the contrasting effects of surface tension. Hence, operating in micro-gravity conditions the behavior
of a micro-channel should not change. Micro-gravity studies are not common due to the difficulty to
make the experiments without the gravity force. The state-of-the-art review of two-phase flow and
heat transfer in zero gravity conditions is presented in the following sections, but because it is a re-
cent topic, the literature is not very wide and often contradictory.

1.4.1. Flow Boiling in Micro-gravity

Cooper et al. (1989) and Van Helden et al. (1995) during their studies obtained bubble growth and
displacement in terrestrial gravity and for short duration microgravity flow. They observed the va-
por bubbles departing from their nucleation cavity by sliding away from the site along the heated
surface. Moreover, they also observed the bubble dynamics and how detachment phenomenon is in-
fluenced by bulk flow velocity and sub-cooling, flow regime, heat flux, flow direction, heater sur-
face orientation relative to gravity, and the strength of the gravitational field.

Zeng et al. (1997) studied the vapor bubbles on an upward heated surface exposed to low velocity
flow. Their work showed the vapour bubbles rising directly off the boiling surface and then are car-
ried away by liquid. However, if the velocity of liquid increases to a critical value, the hydrodynam-
ic forces compels bubbles to depart from the nucleation site sliding them along the heated surface.
Heat is absorbed during sliding and bubble growth continues until the bubble lifts off the surface
due to the influence of buoyancy and shear forces.

Thorncroft et al. (1997) observed the mean departure point and the lift off diameters in a vertical
upward and downward flow boiling for FC-87. During the vertical upward flow, bubbles departed
the heating surface by sliding upward and tended to remain attached to the heating surface. In con-
trast, bubbles in downward flow departed by sliding either upward or downward along the heating
surface. This behavior is probably dictated by the interaction of hydrodynamic forces and buoyancy
forces on the bubble. The bubbles that departed from nucleation sites for low fluid velocity tended
to slide upward against the flow due to the buoyancy forces that are larger compared to drag force.
The buoyancy force was overcome at higher flow velocities and the bubble slides downward. The
dependence of bubble dynamics upon the buoyancy force indicated a corresponding dependence
upon the gravitational field.

Mikic et al. (1970) developed an early model for bubble growth in a uniformly superheated liquid
under inertia and diffusion controlled growth conditions. After they extended their work to bubble
growth in non-uniform temperature fields.

Van Stralen et al. (1975) and Mei et al. (1995) identified clear discrepancies between many such
early modeling efforts and extensive data available at the time. Mei et al. (1995) submitted a numer-
ical analysis detailing bubble growth in saturated heterogeneous boiling that considered:

e energy balance on the vapor bubble,
e liquid microlayer under the bubble,
e the heater.



They used a vapor bubble shape parameter and micro-layer wedge parameter to provide an agree-
ment with experimental data. Whereupon, in the second part of the study they presented an assay on
the dependence of bubble growth rate and the thermal field within the heater on four governing di-
mensionless parameters:

e Jacob number,

e Fourier number,

e solid-liquid thermal conductivity ratio,
e solid-liquid thermal diffusivity ratio.

Klausner et al. (1993) created a prediction model for vapor bubble departure. The model is based on
the onset instability between a quasi-steady drag force, the unsteady component of the drag force
due to asymmetrical bubble growth, and the surface tension force in the flow direction. They noted
a significant dependence on wall superheat and liquid velocity. The departure diameters that was
increased and decreased basing on, respectively, an increase and decrease in vapour quantities.

Zeng et al. (1997) updated this model including determination of the bubble inclination angle as
part of the solution rather than as a required input to the model. They supposed that surface tension
force at departure and lift-off can be neglected, and the bubble contact area and contact angles are
not necessary to solve the model. Obtained data is in a good agreement with available experimental
data.

Thorncroft et al. (1999, 2001) proposed another model constructed from first principles and related
the forces affecting a vapor bubble during its life through Newton’s Law. Bower et al. (2002) dis-
cussed the model. The force balance can be expressed as:

dv

’ = I

Where the described forces are:

e Freogy IS the body force acting on the bubble.

e Frsis the surface tension force integrated around the base of the bubble.

e Frgis the buoyancy force due to the liquid-vapor density difference.

e Frcpisthe contact pressure force due to the pressure difference inside and outside the top of
the liquid-vapor interface.

e Frs is the shear lift force due to pressure gradients around a growing bubble.

e Fros is a quasi-steady drag force of the bulk fluid.

e Frawmis the mass force from unsteady Bernoulli equation

e Frrs is the free-stream acceleration force

e R s the reaction force at the heated surface

The detailed forces are applicated to the bubble growth in a bulk liquid flow parallel to a heater sur-
face oriented at some angle relative to the direction of gravity, as shown in Figure (34).
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Figure 34: detailed forces are applicate to the bubble grow for Thorncroft et al. (2001)

The velocity field at the center of the bubble, the inclination angle, and the growth rate are inputs of
Thorncroft et al. (2001) model. The Reichardt’s expression is used to estimate the velocity of the
bulk liquid at the bubble center of mass. Growth rates are approximated by the diffusion-controlled
bubble growth solution as described by Zuber et al. (1997). The inclination angle is difficult to de-
terminate due to the deformable nature of the bubble interface. However, the inclination angle is
approximated to 45° in horizontal upper flow. The comparison of the departure diameters generated
from computational solutions of this model at various conditions are in a good agreement with ex-
perimental results.

The model works well with a good range of fluids and Jacob numbers. For high mass velocity, the
model is gravity independent. The correlating parameter v is plotted versus Jacob number, in figure
(35), to give an indication of this phenomena.
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Due to its governing influence on heat transfer, the vapor bubble growth rate and the related depar-
ture phenomena have been the subject of considerable investigation. However, the study of Thorn-
croft et al. (2001) does not report growth rate. Instead the critical bubble dynamics to assessing the
nature of a varying gravitational field on boiling heat transfer was investigated. Figure (36) gives an
indication to the gravity dependent range.
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Figure 36: Gravity dependent range in function of Ja and y for Thorncroft et al. (2001)

Zhao et al. (2007), Rezkallah et al. (1999) and Lowe et al. (1999) made a two-phase flow pattern
study under microgravity conditions in a 9.5 mm diameter channel. The authors proposed a two-
phase flow transition model for channels under microgravity conditions based on various Weber
numbers. They observed that inertia and surface tension forces were dominant as opposed to buoy-
ancy for microgravity flows and thus used a new Weber number in a new correlation to determinate
flow regime transitions. The proposed flow pattern map can be divided into three distinct zones:

e the surface tension dominated zones where the bubbly and slug regimes coexist;
e the inertia dominated zone corresponding to the annular flow regime;
e atransition zone where both surface tension and inertia forces exhibit coexist.

Van Helden et al. (1995), Nydahl et al. (1989) and Zeng et al. (1999) studies indicate how buoyancy
forces play a significant role in bubble growth dynamics. The buoyancy forces influence the heat
transfer from the boiling surface by either assisting or impeding the bubble departure and liftoff
from the heater surface.

Kirk et al. (1995) identified for low velocity a flow regime dependent on the buoyancy force. They
demonstrated that vertical up-flow produced significant heat transfer enhancement when compared
with horizontal flow. The study also showed how the buoyancy effect is neglected at sufficiently
high velocities, where hydrodynamic forces dominate over the buoyancy forces. Bulk fluid velocity
remove vapor from the heating surface, postponing an eventually onset burnout due to the higher
heat fluxes. The effect of zero gravity accelerates dry-out, buoyancy forces normally aid in sweep-
ing large vapor volumes from the surface and allow liquid replenishment, in no-gravity environment



this phenomenon is absent. This reduced critical heat flux at micro-g conditions is a severe barrier
to the implementation of two-phase flow systems.

Gersey et al. (1995) developed a model for critical heat flux based on a wavy vapor layer that can
breaks down on the surface due to hydrodynamic instability. When fluid velocity increases buoyan-
cy forces, and thus critical heat flux, became independent from the orientation of gravity.

Zhang et al. (2002) made a visual study and CHF measurements describing the effects of the direc-
tion of buoyancy force. They noted how orientation is an important factor only for lower velocities.

1.4.1.1. Conclusions

The practical difficulties of obtaining experimental data at microgravity conditions combined with
the excessive cost of a spatial pumping system have hindered the utilization of two-phase flow boil-
ing systems in space applications. However, insight into behavior of flow boiling systems at various
levels of gravitational influence can be gained in some experiments on earth by varying the gravita-
tional influence; the effect of gravity on flow boiling may be discerned. Parabolic flights are another
possibility to obtain experimental results useful to create and validate models. The main effects of
gravity reflect on the bubble dynamics, the buoyancy forces and the detachment point.

1.4.2. Heat Transfer in Micro-gravity

Next frontier of space heat transfer is the phase change due to the very large heat fluxes available.
High thermal fluxes impact on the reduction of the size, weight, and cost of thermal management
power systems. It is an central problem in space applications. As such, numerous research studies
have attempted to gain a fundamental understanding and predictive capability of the phase change
in reduced gravity conditions.

Roshenow et al. (1952) introduced an important concept for flow boiling heat transfer correlations.
They suggested that two-phase heat transfer rate is due to two independent and additive mecha-
nisms: bulk turbulence and ebullition.

Chen et al. (1966) proposed an extension of this concept, asserting that the application of empirical
factors to these two mechanisms could allow the researcher to obtain agreement with experimental
observations. Many correlations reported in the literature, used the flow boiling data obtained with
Chen’s technique. The Chen approach recently met some critics due to new discovered physical
phenomena, which was not considered.

Gungor et al. (1986) introduced a dependence factor on heat flux due to the convective portion of
boiling heat transfer. This determined that the generation of vapor could result a significant disturb-
ance of flow at the wall and a changing in the convective heat transfer.

Kenning et al. (1989, 1991), studying the effect described by Gungor et al. (1986), hypnotizing that
the micro-convection and macro-convection components of two-phase heat transfer were not inde-
pendent and additive. They correlated the convective heat transfer data based on a small depend-
ence heat flux to demonstrate their hypothesis.

Shah et al. (1982) studied the proper heat transfer coefficient. They supposed that the coefficient is
larger than the convective or nucleate terms and not the simply sum of the two. However, the ther-



mal transport data for two-phase flow related with micro-gravity conditions are scarce and incon-
clusive.

Standley et al. (1991) conducted micro-gravity experiments using R-11 as the working fluid in par-
abolic flights. The large systematic variations on the temperature and pressure measured result in a
difficult interpretation of data.

Saito et al. (2005, 2007) studied heat transfer and report their data of flow boiling of water in a hor-
izontal annulus equipped with a central heater rod during parabolic flight, which had about 22 s of
microgravity conditions. They observed that under microgravity condition, contrarily to terrestrial
conditions, bubbles are hardly detached from the heater rod due to the reduction of the buoyancy.
They flowed along the heater rod, and grew due to the heating by the heater rod. The coalescence
become much larger, surrounding the heater in the downstream. This microgravity behavior was
more noticeable in the cases of lower inlet fluid velocity, higher heat flux and lower inlet fluid sub-
cooling. The differences between earth gravity and microgravity in the local heat transfer coeffi-
cients were very small despite the large differences of the flow regimes.

Lui et al. (1998) studied heat transfer in sub cooled flow boiling with R113 in a tubular tests section
of 12 mm diameter and 914.4 mm length. They observed that sub-cooled boiling heat transfer in-
crement in microgravity conditions. Heat transfer coefficients were approximately 5 to 20% higher
in microgravity and increase with qualities. Therefore, they suggested how the greater movement of
vapor bubbles on the heater surface caused a localized turbulence, which is the responsible for the
increased heat transfer coefficients.

Ohta et al. (1982) studied flow boiling with R113 in a vertical transparent tube of 8 mm diameter
and 100 mm length. Their experimental section was internally coated with a gold film. The flow rate
ranged from 150 to 600 kg/m?s, and the heat flux from 2.5 to 80 W/m?. They examined bubbly, slug
and annular flow regimes observing a big variation in bubble and slug sizes due to the gravity.
Moreover, they observed that the heat transfer coefficient was barely affected by the various gravity
levels. Hence, they supposed that heat transfer was controlled by nucleate boiling. Figure (37)
shows their results:
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Figure 37: Boundaries for dominated regimes of buoyancy(g), surface tension(c), and inertia(I) rep-
resented by a-dimensional sets

Ma et al. (2001) studied force convection boiling in normal and micro gravity conditions. They used
FC-72, in a drop tower that reach 1 s of micro-gravity conditions. The test section was uniformly
heated by a flat square plate. They obtained boiling curves and flow maps for different flow rates in
microgravity. From the observations resulted how the forced flow decreased the average bubble size
and sustain boiling in the nucleate boiling regime in microgravity. Moreover, when flow rate in-
creases, the heat transfer coefficient increases as well, while the average superheat of the heater sur-
face decreases. An important result of the studies was that forced convection increases the departure
of bubbles from their nucleation sites. Finally, they noted how, for high heat flux the curves, both in
normal or micro gravity, bubbles tend to be close together as Reynolds numbers increase. For Re >
10.000, no influence of gravity has been found.

Westheimer et al. (2001), conducted a visualization experiment on flow boiling in a glass annular
heat exchanger, using R-113 as fluid, in parabolic flight. They obtained the following trends:

e flow regime transitions in micro gravity can be caused with less heat addition;

e normal gravity flow regime maps and visual data did not correspond with visual data and
flow regime maps in micro gravity;

e all micro-gravity flow regime maps give a similar result for calculations of: quality, heat-
transfer coefficient, and heat-exchanger temperature.

e the maximum heat transfer occurred somewhere in the heat exchanger near the transition
from bubble to slug flow.

Ohta et al. (1982) studied the critical heat flux. They made few experiments, finding that CHF is in-
dependent from the gravity level as the fluid flow rate is increasing above a critical value.

Ma et al (2001) performed a CHF experiment using the same test section described previously.
They observe how CHF in microgravity is lower than that in terrestrial gravity, but, when the flow
rate increases, the two lines tend to approach each other. The authors underlined how the CHF val-
ues in normal and micro gravity tend to be similar in magnitude above a certain value of the flow
rate.



Zhang et al. (2002) performed a CHF experiment in a rectangular channel on a parabolic flight us-
ing FC-72 as process fluid. They founded how CHF in microgravity at low velocities is significant-
ly smaller than in horizontal flow at terrestrial gravity. The difference in CHF magnitude between
the two environments decreases with the increase of fluid velocity. It converges at 1.5 m/s for FC-
72. This result proves that is possible to design an inertia-dominated space system by maintaining
flow velocities above the convergence limit.

Crowley et al. (1991) used parabolic flights to measure the liquid temperature and wall temperature
in a condensing section at micro-gravity. They observed an increase in the heat transfer coefficient
in micro-gravity conditions. However, no steady-state conditions were reached during the entire 20
s micro-gravity window. The large systematic variations in time were large enough to made impos-
sible ad interpretation of the results.

Hill et al. (1994) studied the condensation heat transfer using the data obtained by Baranek et al.
(1991) to construct a micro-gravity condensation heat transfer model.

Rite et al. (1993) measured with a parabolic flight the two-phase heat transfer coefficient for various
air-fluid combinations with no phase change. They founded that the differences between normal and
micro-gravity heat transfer data were less than 10% and within the uncertainty of the available heat
transfer correlations.

Kirk et al. (1995) observed an increment of the heat transfer when the heating surface is rotated
from horizontal towards vertical. They also found an increment for very low heat flux if the heater
was downward facing and if velocity is sufficient to sweep away vapor bubbles. The slide of vapor
bubbles along the heated surface was reputed the bolstering element of the heat transfer. A reduced
effect manifest for test section orientation at the highest tested mass flow velocity of 0.32 m/s.

Rite et al. (1997) performed both normal and micro-gravity experiments aboard a parabolic flight
and observed low heat transfer coefficients in micro-gravity. The heat transfer coefficient drops
along the length of the heating surface in micro-gravity while it increases in normal gravity. The au-
thors supposed how the liquid-vapor slip reduces the thermal flow entry lengths in normal gravity
flow. While it was not present in micro-gravity flow due to the absence of buoyancy forces. It is the
most probable cause of the reduction of the heat transfer. This influence is weaker for higher veloci-
ties.

Miller et al. (1993) and Rite et al. (1997) studied a flow boiling regimes in which the pressure drops
and heat transfer coefficient seemed to not be related with gravity. The purpose of this investigation
is to investigate the bounds of gravity independent heat transfer and assess the predictive capabili-
ties of the detailed bubble dynamics model that analytically exhibits the diminishing effects of grav-

ity.
1.4.2.1. Conclusions

Considering the totality of the prior gravity experiments appears to be a significant confusion in
flow boiling. It was due to the insufficient data. Therefore, is difficult to design heat exchangers for
microgravity applications that cover all boiling and two-phase flow regimes.

The convection phenomena guide the heat transfer in a two-phase flow at low gravity. Can be dis-
tinguished two types of convection, the micro and macro-convection:



e Micro-convection refers to the heat transfer due to the liquid vaporization during the bubble
nucleation and the subsequent growth, it continues up to the detachment from the heating
surface.

e Macro-convection refers to the heat transfer that is facilitated by the bulk two-phase turbu-
lent flow.

Both processes, as well as the overall heat transfer rate, depend on the dynamics and detachment of
vapor bubbles. As suggested in the last paragraph, bubble dynamics govern the boiling process in
the sub-cooled region and is independent from the gravitational field. The heat transfer coefficient
should also remain constant as orientation of the gravitational force is changed. However, due to the
limited availability of flight opportunities, the experimental activity in this area is still quite frag-
mentary and phenomenon involved in flow boiling in microgravity is far to be comprehended. The
main conclusions that can be taken are:

) results on heat transfer are contradictory, spanning form increase to decrease with re-
spect to terrestrial gravity;

o the effect of gravity level on heat transfer strongly depends on the flow pattern;

o inertial effects play a fundamental role in microgravity flow boiling heat transfer as,

added up to the buoyancy force, it may overcome it; the thresholds beyond which iner-
tial effects are dominant over buoyancy effects must be carefully determined,;

o a systematic study of flow boiling heat transfer is necessary to create a consistent data
set for design purposes and to better establish the flow boiling heat transfer knowledge
in microgravity.



1.5.Flow Instabilities

During the experiments researchers found problems with attaining stable flows. Some report large
flow oscillations that result in a vapor back flow into the inlet header, while others report smaller,
periodic fluctuations. A discussion on these instabilities on two-phase flows in micro-channels is
presented below.

Wen et al. (2010) made a particularly well documented study on periodic pressure and saturation
temperature. They made simultaneous measurements of local pressures and their difference and
filmed with high-speed camera the process determining the velocity of the bubbles, and located lo-
cal nucleation sites. Figure (38) shows the results of their work. Nucleation sites are visible in the
image.
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Figure 38: Images of Wen et al. (2010) with velocities during boiling of water in a 2 mm channel

They observed that the nucleation and growth of bubbles were influenced by the compressibility of
the vapor at the inlet and by other less meaningful events happening along channel, including at the
exit. These events could be the cause variability in the frequency of formation of elongated bubbles
and the length of the bubbles. They also observed the bubbles coalescence that combines small
bubbles in an elongated bubble. This phenomenon causes a significant and cyclical fluctuation in
the saturation and wall temperatures. A preliminary model was also proposed to explain the pres-
sure waves they measured.

Some researcher studied the dynamic flow instability in a macro or micro channel. They combined
set of parameters that seemed to be reflected on the flow instability process. For macro-channels
that there are three types of origin of oscillation: pressure drop, density wave, and thermal. With re-
spect to microchannel, there have been only a handful of studies.

Peles et al. (2010, 2011) observed the flow boiling in microchannels and developed a non-
dimensional model. Their model work for outlet vapor quality less than unity. The unsteady flow
was divided in two parts that used different models, one for the vapor and one for the liquid.

Hetsroni et al. (2003) studied the high heat fluxes created in a semi-periodic rewetting and refilling
multi-microchannel. They observed a cyclic period on the order of 1 Hz that was attributed to the
cyclic bubble growth and collapse.

Brutin et al. (2009, 2011) performed a two-phase instability experiment on a single rectangular mi-
crochannel of 0.9 mm diameter, observing two types of behavior:



. a steady state: low amplitude pressure oscillations without a characteristic frequency
. a highly unsteady flow: fluctuations frequencies of about 3.6-6.6 Hz.

Wu and Cheng (2006) studied boiling in silicon micro-channels with hydraulic diameters of 0.083
and 0.158 mm. Their study established that once boiling has started, there is a cyclic variation be-
tween single phase liquid flow and two-phase flow in their channels, producing oscillations in the
measured pressure drops, wall temperatures, inlet and outlet temperatures, and mass flow rate. They
concluded that the unsteady flow was sustainable if the pressure drop and mass flow were out of
phase.

Xu et al. (2006) investigated on static and dynamic flow instabilities in a multi-micro channel heat
sink. They explained the instability exploiting the curve shown in the next Figure (39).
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Figure 39: Demand curve of Xu et al. (2006) showing the pressure drop plotted versus the mass ve-
locity at a given inlet temperature and heat flux.

Where:

e OFI is Onset of Flow Instability,
e OSV is Onset of Significant Void,
e ONB is Onset of Nucleate Boiling

In this diagram sub-cooled liquid flow occurs in the channel. When the mass velocity decrease to
the value at which the actual curve deviates from the calculated one the fluid reaches the onset of
nucleate boiling (ONB). Decreasing mostly the mass velocity leads to the Onset of Significant VVoid
(OSV), which occur at a slightly higher mass velocity than the Onset of Flow Instability (OFI).
When the pressure drop is higher than Onset of Flow Instability the two different mass velocities
yield the same pressure drop and hence the fluid oscillates between these two conditions. Later they
proposed an expression to predict the OFI mass velocity.

Piasecka et al. (2004) extensively studied the instabilities due to the boiling incipience in narrow
channels. In their studies, only one side of the channel is heated. They found the location of incipi-
ence at the minimum local heat transfer coefficient and maximum local wall temperature. System
pressure, inlet sub-cooling, and flow rate influenced the heat transfer coefficient at the location of
boiling incipience.



1.6. Pressure drops

Pressure drops in saturated flow boiling were largely analyzed at macro scale, Ould Didi et al.
(2002) compared seven of the most quoted macro-scale methods in the literature to determinate fric-
tional pressure drop on a 788 points database in two horizontal macro-scale test sections of 10.92
and 12.00 mm diameter for five fluorocarbon refrigerants. They found that the methods of Muller-
Steinhagen and Heck (1986) and Gronnerud (1972)] gave the best predictions. Ribatski el al. (2006)
compared twelve prediction methods and found as the most effective the macro-scale method pro-
posed by Muller-Steinhagen and Heck (1986). However, they showed how none of the analyzed
methods can be classified as a design tool for microscale tubes. As described in Lee and Mudawar
(2008), the inlet subcooling enhances the heat fluxes transferred in the exchanger by using both the
sensible and latent heat of the fluid compared to the mostly latent heat in saturated flow boiling.

Most common micro-heat exchangers have two shapes: small straight circular tubes and rectangular
channels. Due to the nature of the geometries involved, the pressure drop vary widely from large to
small tubes and channels. The implementation of this kind of heat exchanger is hampered by the
limited understanding of the momentum and thermal transport characteristics in micro-scale. Due to
the small hydraulic diameter used in micro- and mini-exchangers, excessive pressure drop is always
a concern, since these devices are typically used in combination with pumps with limited pumping
power capability. A few published studies discuss pressure drop and hydrodynamic instability of
flow boiling in mini/micro-tubes. These concerns are compounded when the fluid flow is in transi-
tion between laminar and turbulent flows, where there is no valid and established model. In micro-
scale Zhang and Webb (2001), Kuwahara et al. (2004) obtained good predictions of their data for
R134a by using the Friedel (2004) correlation. Also, Lazarek and Black (1982) studied the problem
obtaining good forecasts by using a value of C = 30 in the generalized Chisholm (1967) and Lock-
hart—-Martinelli (1949) correlations. Along this direction, Qu and Mudawar (2003), Lee and
Mudawar (2005) and Lee and Garimella (2008) developed their individual flow boiling pressure
drop models based on their experimental data developed in microchannel heat sinks. Mishima and
Hibiki (1996) obtained reasonably good predictions for their frictional pressure drop data by corre-
lating the Chrisholm (1967) parameter in the Lockhart—Martinelli (2005) correlation as a function
of the tube diameter. Bowers and Mudawar (1994) analyzed flow boiling pressure drop of refriger-
ant R-113, using a homogenous equilibrium model, in both mini and micro-channel obtaining a
good agreement. Two-phase hydrodynamic instabilities in parallel mini/micro-channels were ad-
dressed by Kandlikar et al. (2001) and Hetsroni et al. (2001). Tran et al. (2000) studied flow boiling
pressure drop of three different refrigerants in single tubes and for a single rectangular channel. Kim
and Mudawar (2013) developed a model, using a database of 2378 experimental points, that consid-
ers six dimensionless parameters to calculate the Lockhart—Martinelli C parameter.



2. Python Programming

2.1. What Is Python?

Python is a modern, general-purpose, object-oriented, high-level programming language. The main
Python characteristics are the clean and simple language that is easy to red and intuitive. The best
technical features are:

e The dynamical type: The code does not need to define the type of variables, function ar-
guments or return types.

e The automatic memory management: No need to explicitly allocate and reallocate
memory for variables and data arrays. No memory leak bugs.

e The interpreter: No need to compile the code. The Python interpreter reads and executes
the python code directly.

The main advantages are easiness of programming, minimization of the time required in develop-
ment and debugging.

Moreover, a well-designed language may encourage many good programming practices:

e Modular and object-oriented programming, good system for packaging and re-
use of code.
e Documentation tightly integrated within the code.

Python have a large standard library, and an ample collection of add-on packages.

Obviously, the code has some disadvantages. Since Python is an interpreted and dynamically typed
programming language, the execution of python code can be slow compared to compiled program-
ming languages, such as C++ and Matlab. Python is also decentralized, with different environment,
packages and documentation spread out at separate places. It is harder to get started.

2.2. What Makes Python Suitable for Scientific Computing?

Python has a strong position in scientific computing due to the large community of users. It makes
easy to find help and documentation. Moreover, many scientific libraries and environments are
available:

e numpy: Numerical Python

e scipy: Scientific Python

e matplotlib: Graphics library
A reliable performance is granted due to close integration with time-tested and highly optimized
codes written in C and Fortran:

e Dlas, altas blas, lapack, arpack, Intel MKL, ...
Python can support:

« Parallel processing with processes and threads
e Inter-process communication (MPI)
e GPU computing (OpenCL and CUDA)



In addition, the code is readily available and suitable for use on high-performance computing clus-
ters. At the end it has no license costs that can be traduced in no unnecessary use of research budg-
et.

Figure (40) shows an example of scientific python software stack

User programs

Other packages and toolboxes
for example QuTiP

matplotlib
Lecture 4

Scipy

Lecture 3

Sympy [
Lecture 5 [

Numpy

Lecture 2

Python

Lecture 1

Figure 40: scientific python software stack

2.3. Python Environments

Often referred to Python not only for a programming language, but also the interpreter, CPython,
that runs the python code on a windows computer.

There are also many different environments through which the python interpreter can be used. Each
environment has different advantages and is suitable for different workflows. One strength of py-
thon is its versatility and that it can be used in complementary ways.

2.3.1. Python Interpreter

Python programming language use the Python interpreter to run python code. The interpreter is a
program that read and execute the python code in files passed to it as arguments. At the command
prompt, the command python is used to invoke the Python interpreter. Next figure (41) shows the
interpreter.



® 006 7 rob — Python — 80x24 "
rob:~% python

Pythen 2.7.2 (default, Jun 28 2012, 16:23:33)

[6CC 4.2.1 Compatible Apple Clang 4.8 (tags/Apple/clang-418.9.60)] on darwin
Type "help", "copyright", "credits” or "license" for more information.

=»> print("hello world")

helle world
e |

Figure 41: Python interpreter

The standard python interpreter is not very convenient for work, due to many evident limitations.

2.3.2. Spyder

Spyder is a MATLAB like IDE for scientific computing with python. It has the advantages of a tra-
ditional IDE environment. Everything from code editing, execution and debugging is supported in a
single environment and work on different calculations can be organized as projects in the IDE envi-

ronment.
Some advantages of Spyder:

o Powerful code editor, with syntax highlighting, dynamic code introspection and integration

with the python debugger.
« Variable explorer, IPython command prompt.
e Integrated documentation and help.

Next figure (42) shows Spider.
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Figure 42: Spyder



2.3.3. Versions of Python

There are currently two versions of python: Python 2 and Python 3. Python 3 will eventually update
Python 2, but the backward compatibility it is not granted. A lot of existing python code and pack-
ages has been written for Python 2, and it is still the most common version. It is probably easier to
work with Python 2 for now, because it is more widespread and readily available via prebuilt pack-
ages or binary installers. Several versions of Python can be installed in parallel. The programs in
annex is programmed with Python 2.7.

2.4. Why Python Is Better Than Matlab

It is not easy to choose a programming language for scientific applications. The most spread lan-
guages for science is probably Matlab. This paragraph discuss why was chosen python and not
Matlab for this research. The main arguments on behalf of python are:

e Python is free and open source, whereas Matlab is a closed-source commercial product.

e The Python language is easies that Matlab’s one.

e Python integrates better with other languages

e Python includes natively a large number of general-purpose or more specialized libraries,
and Python users continuously develop external libraries.



3. Heat transfer models

This chapter is an analysis in full detail of the correlation used to calculate the heat transfer coeffi-
cient. The programs that use correlations are in annex. Following analysis starts from the models’
assumptions to arrive to the used formula. These descriptions are important to understand models’
behavior and the range of usability. No modification to suite the model to the experiment are made.

3.1. The Three-Zone Model

The three-zone model describes the evaporation of an elongated bubble in a micro-channel as a se-
quential and cyclical passage of a liquid slug, an evaporating elongated bubble, and a vapor slug if
the liquid film dries out.

3.1.1. Introduction to model

The first draft of flow boiling model for micro-channels was made by Jacobi (2002) and Thome.
They modelled the thin film evaporation of the liquid film trapped between these bubbles and the
channel wall, accounting for the liquid-phase convection in the liquid slugs between the bubbles.
They want to demonstrate that the thin film evaporation mechanism was the principal heat transfer
mechanism in micro channels for slug flows. Specifically, they showed that the thin film heat trans-
fer mechanism along the length of the bubbles is dominant if compared to the liquid convection oc-
curring in the liquid slugs. Thin film evaporation heat transfer mechanism, without any local nu-
cleation sites in slug flows, yields the same type of functional dependency as the nucleate boiling
curve. Therefore, being nucleate boiling in micro channels the only heat transfer mechanism up-
stream at or near the onset of boiling for very low vapor qualities, they concluded that for a down-
stream flux the main mechanism is the thin film evaporation. It dominates boiling in micro channels
in the slug flow regime, up until the flow regime changes to annular. Thus, for this reason the macro
scale flow boiling correlations cannot fit for micro channel flow boiling data unless such models in-
clude a nucleate boiling heat transfer dependency. However, macro scale flow boiling correlations
and nucleate pool boiling correlations do not actually model nucleate boiling. The heat flux depend-
ency of process is considered empirically. The Jacobi and Thome slug flow model shows a strong,
direct dependency of heat transfer by the bubble frequency in the thin film evaporation process of
elongated bubbles. Therefore, this probably explains why this pseudo-nucleate boiling dependency
is incorrectly identified earlier papers.

Thome, Dupont and Jacobi (2004) proposed a three-zone flow boiling model for slug flow in micro
channels. This model is an updated version of the prior two-zone model. Only the three-zone model
will be described here in this chapter in detail.

3.1.2. Model description

Figure (43) shows a representation of the three-zone model with the evolution of successive bub-
bles.
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Figure 43: Three-zone heat transfer model of Thome, Dupont and Jacobi (2004) for the elongated
bubble flow regime in micro channels.

Where:

e L, isthe total length of the pair or triplet,

L. is the length of the liquid slug,

Lary is the length of dry wall in the vapor slug,

Lg is the length of the bubble including the length of the dry wall,

Lsim is the length of the liquid film trapped by the bubble,

R is the internal radius of the tube,

oo is the thicknesses of the liquid film trapped between the elongated bubble,
omin 1S the channel wall at its formation and at dry out of the film.

The local vapor quality, heat flux, micro channel internal diameter, mass flow rate and fluid physi-
cal properties at the local saturation pressure are input parameters to the model.

The three-zone model predicts the heat transfer coefficient of each zone and the cyclic local time-
averaged heat transfer coefficient at a fixed location. The model works for a micro channel during
the evaporation of an elongated bubble and with a constant, uniform heat flux. The elongated bub-
bles grow in axial length, trapping a thin film of liquid between the bubble and the inner tube wall
as they flow along the channel. The thickness of this film plays a key role in heat transfer. At a
fixed location, the process is assumed to proceed as follows:

1. apure liquid slug passes; which not have any entrained vapor bubbles,

2. an elongated bubble passes; the liquid film is formed from liquid removed from the liquid
slug,

3. avapor slug passes; if the thin evaporating film of the bubble dries out before the arrival of
the next liquid slug.

The cycle repeats itself for every arrival of the next liquid slug. The repetition frequency is:

w= ()

Hence, a liquid slug and an elongated bubble pair, or a triplet of liquid slug, an elongated bubble
and a vapor slug pass this fixed point at a certain frequency that is a function of the formation rate
of the bubbles upstream, and that is assumed to be constant downstream.

In brief, the heat transfer model was reassumed by the authors as follows.



“The homogeneous model of two-phase flow is utilized to obtain the void fraction and two-phase ve-
locity along the channel at the desired vapor quality. From the pair or triplet frequency, the local
length of the pair or triplet in the channel passing by this point is calculated as a function of the va-
por quality. It is obtained from an energy balance of the mass flow rate and the uniform heat flux
applied to the inner channel wall. The respective lengths of the liquid slug L. and vapor Lg in the
pair or triplet are obtained directly from the void fraction at this location, ignoring the small frac-
tion of liquid in the film. Then, from the local mean velocity of the liquid slug, the initial liquid film
thickness oo is calculated and dry out of the wall occurs if the film thickness reaches a predeter-
mined value of omin before the arrival of the next liquid slug. Mean heat transfer coefficients are de-
termined from the liquid and vapor slugs while the average value of the heat transfer coefficient of
the evaporating film is determined from conduction across its varying thickness. The time-averaged
heat transfer coefficient is then determined at the local vapor quality for one pair or triplet passing
by this location of the channel with respect to the residence time of each process during one time
cyclet. *

The model makes the following assumptions:

The flow is assumed to be an elongated bubble slug flow.

The flow is homogeneous: vapor and liquid travel at the same velocity.

The heat flux is uniform and constant with time along the inner wall.

The fluid is saturated liquid at the entrance of the channel with elongated bubbles generated

at an unknown frequency fp.

5. The temperatures of the liquid and vapor remain constant, which means that all the energy
delivered to the fluid is used for vaporization. Neither the liquid nor the vapor is superheated
or sub-cooled.

6. The local saturation pressure is used to determine the local saturation temperature. Pressure
drop is ignored.

7. The liquid film remains attached to the wall whilst the influence of vapor shear stress on the

liquid film is negligible. Therefore, the film remains smooth without ripples.

The film thickness do is much smaller than the tube radius of R.

9. The thermal inertia of the channel wall can be neglected during this cyclical heat transfer

process.

Eal NS

o

To develop the model, an experimental database of local heat transfer coefficients was taken from
six different laboratories, it covers seven different fluids: R-11, R-12, R-113, R-123, R-134a, R-
141b and CO2. Dupont, Thome and Jacobi (2004) took 1591 test from the literature. The database
comprehended channel diameters from 0.77 to 3.1 mm, mass velocities from 50 to 564 kg/m?s, pres-
sures from 1.24 to 57.66 Bar, heat fluxes from 5 to 178 kW/m?, and vapor qualities from 0.01 to
about 0.99 with a setup of five single channel and two multi-micro channels.

3.1.2.1. Bubble Frequency

One of the model hypothesis is that bubble nucleation occurs at the location where the fluid reaches
saturation. This place is at x = 0. The earlier model of Thome et al. (2002) assumed that these small
bubbles grew in a uniformly superheated liquid to a diameter equal to the internal diameter of the
channel before departing. Instead, Plesset et al. (1994) proposed a heat diffusion limited model to
obtain the rate of bubble growth:
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Where:

e a_ isthe liquid thermal diffusivity,
e tisthe bubble growth time,
o ATsq is the wall superheat.

Each bubble divides the liquid flow into successive pairs or triplets. If there is no waiting time be-
tween successive bubbles, the frequency of bubble departure f, and period of pair or triplet genera-
tion 7 was obtained from the bubble growth rate and the internal radius of the tube R is:

AT |
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The predicted pair frequency f, for R-134a using the above equation for two different superheats of
ATsae 1 °C and 20 °C, in a channel of 0.5 to 2 mm diameter, cause a bubble frequency variation
from 20 Hz to 0.05 Hz. The frequency depends on the diameter of the micro channel. The shear
stress exerted by the liquid flow in the channel force the departure of the bubble before it reached
the channel diameter. Therefore, a hydrodynamic model is required to predict bubble departure and
hence also bubble frequency. The bubbles tend to depart with diameters much smaller than the
channel diameter before rapidly grow and coalesce downstream to form elongated bubbles. The
values of fp will be discussed later in the chapter about adjustable parameters.

3.1.2.2. Basic Equations

By the homogeneous model hypothesis, the liquid and the vapor travel at the same mean ve-
locity:

UL = Uc
Where:
ungzﬂ[zj
Ae pgle
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The cross-sectional void fraction can be obtained matching velocity as a function of vapor quality:
1

1+[1_XJ&
X JPL

e itisahomogeneous void fraction model,

e =

The assumptions are:



e the volumetric void fraction is equal to the cross-sectional void fraction in a homogeneous
flow.

Form the equality, the pair or triplet velocity is:
. [ x l-x )
up =mj|—+
Pc PL

PL >> Pg
Therefore, the pair or triplet velocity can be assumed to vary almost linearly along the tube:
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u, ¥m| —
Pae

A pair or triplet passes during each time . It is thus possible to deduce the mean equivalent length
of this pair or triplet using the following expression:

ox  1-x
Lpzupt:rm(i+ \]
Pec P

For a normal fluid:

Lp is the apparent length of the pair or triplet that can be seen by an observer at any location on z.
To evaluate the residence time tc of an elongated bubble at location z (z = 0 is assumed to be at the
saturation point x = 0). The equivalent length of the vapor Lg is calculated using the local void
fraction:

Tm
Ls;=¢el =—>
Pc
Instead, the vapor residence time ts is:
(= L, T
G 5 1-x
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The time tc corresponds to the period employed by vapor to pass through the cross section in a
point on z.

The equivalent length of the liquid slug L. and the liquid residence time t is:

Lo=(-¢e)L, =—(1-x)
PL
T
tL: L — -
up l_|_p_L X
P 1—-x

The time t. corresponds to the period employed by a liquid slug to pass through the cross sec-
tion at location z. Finally, the following relations are valid:
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3.1.2.3. Liquid Film Thickness

The initial liquid film thickness dyat the front of the bubble is an important parameter for the
model. The thickness influences the evaporation process and thus a relation for predicting the
initial thickness of the film dy is required. Thome, Dupont and Jacobi (2004), elaborate two film
thickness correlations proposed by Moriyama and Inoue (1996), changing the Bond number in-
to Weber number and expressing dy as a function of the pair velocity u,.

Moriyama and Inoue (1996) in their model experimentally measured the radial liquid film
thickness of bubbles growing between two parallel, heated transparent plates. To obtain data set
they used an experimental technique comprehensive of video vapor front tracking and a
wall transient temperature analysis. The experimental section has a gap between the two
plates of about 0.100 to 0.400 mm and the tests were conducted with R-113. From their experi-
ments resulted a large superheat or high bubble velocity at the viscous boundary layer controlled
the liquid film formation thickness d. Instead of a low bubble speed or for a small gap between
the plates, the surface tension force is dominant. Moriyama and Inoue (1996) proposed two em-
pirical correlation to take in account both regimes.

In the three-zone model by Thome, Dupont and Jacobi (2004), these two expressions were
combined with an asymptotic 8" power expression. To combine the expression some assump-
tions from parallel plate geometry to the present circular channel geometry were necessary. How-
ever, the two expressions for d, of Moriyama and Inoue (1996) are valid only for R-113 and
for the analyzed range of gaps. Therefore, an empirical correction factor Cs, was added. Its value
was statistically taken out by the heat transfer database. The default given value is Cs, = 0.29.
This parameter is included in the asymptotic initial liquid film thickness model:
0.84
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The Weber number Wep was incorrectly labeled as a Bond number in the first paper of Thome,
Dupont and Jacobi (2002). It ca be expressed using the pair velocity up, and channel diameter di:
We — pLdiui

P I}

Figure (46) shows the predicted variation of the initial thickness for a liquid R-113 film at a satura-
tion temperature of 47.2°C in function of the pair velocity up for two micro channel diameters.
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Figure 44: Predicted thickness measured by Moriyama and Inoue (1996) between two parallel
plates.

The values of J, change in a range from 2.1 to 6.1 pm for pair velocities from 0.5 to 1.0 m/s. The
obtained value has the same order of magnitude as those measured by Moriyama and Inoue (1996)
for R-113 for small gaps of 0.1 to 0.4 mm for the corresponding range of velocity.

The liquid film thickness varies from its initial value of dy due to vaporization by the uniform heat
flux q at the inner wall of the tube. Its actual value can be obtained by an energy balance over the
differential length of the film d,. For hypothesis it is assumed that all the energy transferred by con-

duction from the wall is used to vaporize the liquid. The rate of latent heat transfer depends on the

rate of evaporation of the liquid phase, %, and hence from the assumption that § << R for an

annular film, this is:

dM - dd
Q=- dtL h;. =—p, 2R - O)E dzh, .
The heat dissipated from the wall is:
-1 R g
prhc R-5

Being from assumption§ << R,thenR — & = R.

At t = 0 the film is created at position z. Integrate the above expression with the initial condi-
tion:

5(2,0) = 80(2)

Results in:

3(z.t)=3 (z)— 9
prhig
The value of do(z) is obtained with the above expression. Moreover, the maximum duration of the
film tary-fim at position z is obtained in function of the minimum thickness at dry-out Jmin :

F)Lli[ao(z)_am]

gy (Z) =



The actual final film thickness dend and residence time of the film triim depend on if the film dries
out. If the maximum duration of the film arrives is more than time employed by vapor to pass
through the cross section hence the next liquid slug arrives before dry-out occurs. It can be summa-
rized by the following equations:

tdry, film > tg

8.4(z)=8(z.t5)

Instead if the maximum duration of the film arrives is lesser than time employed by vapor to pass
through the cross section hence local dry-out occurs when the liquid film thickness reaches the min-
imum feasible film thickness dmin. It can be summarized by the following equations:

Lary fim < tg

S 4lz)=0_,
Uit = Tdryﬁ.lm

Thus, the time duration of the liquid film on the local wall is tary:
lay =l = T

The equivalent length of the dry zone at the location z is obtained by the time duration of the liquid
film and the velocity of the pair:

qu_ =, T4,

The minimum film thickness at dry-out dmin is related to the roughness of the surface, the thermo-
physical properties of the fluid, the contact angle between the vapor, liquid and wall, and the local
hydrodynamics of the flow. Figure (45) shows the film layout.

vapor flow

liquid film

roughness

tube wall

Figure 45: Transition from film evaporation to vapor convection in the dry zone from Thome et al.
(2004)

Obtain Jmin value is beyond current modeling capabilities and thus a fixed empirical value was sta-
tistically taken out from the heat transfer database. It means value is §min = 0.0000003m =
0.3 um.



3.1.2.4. Heat Transfer Model
The time-averaged local heat transfer coefficient asiim is expressed by the following integral:

1 Tiim kI_

. dt
te, °0  O(z.1)

C‘ﬂm(z\):

The hypotheses are:

e The liquid film evaporates only between the bubble and the wall,
e The thin liquid film is stagnant
e The heat transfer is only one-dimensional conduction across the film.

Integrate over the bubble passage period gives:
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o end

end /

The value of dmin is assumed to be different from zero and of the same order of magnitude as the
surface roughness.

The minimum film thickness dmin Was taken as one of the three adjustable parameters in the three-
zone model along with f, and Cs. It was determined statistically comparing the model results to an
experimental heat transfer database of seven fluids from six different laboratories.

The heat transfer coefficients for the liquid and vapor slugs are calculated from their respective lo-
cal Nusselt numbers. These values are then applied to the respective equivalent lengths of the liquid
slug L. and dry wall zone Lqry passing by a given location z. The Nusselt number is assumed to be
hydro-dynamically and thermally developing.

For laminar developing flow, for which Re <=2300, the London and Shah (1978) correlation is
used to obtain the local tubular flow Nusselt number:
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To obtain the averaged value over the length z was used the liquid slug length L. or vapor slug
length Lary as L(2):

Nu,_ . =2Nu, (z)

For transition and turbulent developing flows, the Gnielinski (1976) correlation is used for Re >=
2300 so that the local Nusselt number is:
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The friction coefficient f is:

f=(1.58InRe —3.28)
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To obtain the averaged value over the length z was used again the liquid slug of length L. or vapor
slug of Lary for L(z). This value on z is obtained from:
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Reynolds number Re for the phase is obtained using the channel diameter di, the local pair velocity
up, and the dynamic viscosity of that phase:

_ pud,
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To avoid a discontinuity in the value of the Nusselt number at Re = 2300, it is used a continuous
expression of the mean convective heat transfer coefficient. It is a function of Reynolds number and
apply a 4™ power asymptotic expression. It can be expressed as follows:

Re
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The expression is valid for the liquid in the slug and for the vapor in the dry zone in their respective
equivalent lengths, L. and Lary.

At the end, from these three heat transfer coefficients, one for every zone, the time-averaged local
heat transfer coefficient ayp is calculated. It is mean over the period t. Hence the local, time-
averaged heat transfer coefficient of a pair or triplet passing by location z is:
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3.1.2.5. Modified Relations

To simplify the model is possible to change some equations. One of the simplification that are made
is on the minimum film thickness. It is changed to the measured wall roughness because the rough-
ness breaks the liquid film. It is important to mention that this has been already proposed in the pre-
vious studies of Agostini et al. (2008) in silicon test section, Ong and Thome (2011) in stainless
steel micro tubes, Vakili-Farahani et al. (2012) in aluminium tubes, while the study of Costa-Patry
et al. (2011, 2012) included silicon and copper test sections.

Moreover, the developing flow Nusselt number correlations were replaced by fully-developed ones
for laminar and turbulent flow, respectively:

Nujgm = 4.36

N Utyrh =

Pr£ (Re — 1000)
14127 (§)0 (Prs —1)

Where & is the frictional pressure drop coefficient.

Finally, the liquid film heat transfer from is modified in:
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3.1.2.6. Adjustable Parameters

The three-zone model has three adjustable parameters, all of which are difficult to predict theoreti-
cally. They are:

®  Omin IS the minimum film thickness reached at dryout. It is related to roughness of the sur-
face, the thermo-physical properties of the fluid and the hydrodynamics of the flow. It can
be approximated with the value to the surface roughness as a first estimation when available;

e Cy is the correction factor used on the prediction of do. It considers the difference between
the fluids and the geometries. In the standard database used for examples it came from to the
original R-113 test;

e fp is the pair or triplet frequency. It is a complex function of the bubble formation and coa-
lescence process. Moreover, it is influenced by the diameter of the channel, its surface
roughness, the nucleation process, the bubble departure dynamics, the coalescence phenom-
ena, etc.

Dupont, Thome and Jacobi (2004) made a first analysis for the optimum values of the parameters fp,
Cso and oJmin in the second part of their study. This was done by applying the three-zone model to
each individual series of local boiling data points of their entire database to find the optimum values
of the parameters for each individual set of data. Once the set of optimum values for all the series
were determined, they were then used to develop the general methods.

The optimum values for f, were found to be strongly dependent only on the heat flux. Moreover, it
has no clear dependency on any other parameter. Therefore, plotting the identified pair frequencies
in function of the heat fluxes for each series in the database, shows nearly parallel lines for each flu-
id in each study. Hence, the following power law expression give the best fit to these semi-
empirical values:
174
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The expression has the units of Hz while the units of q and qo are W/m?. The pair frequency is sup-
posed to be a function of the fluid physical properties. A reduced pressure relation gives the effect
of the fluid physical properties on the expression via the reference heat flux go:

However, these equation permits to calculate the pair or triplet from the local heat flux and from the
local saturation conditions in first approximation. It is important that the model is based on a local
energy balances, which makes the model impossible to be implemented for a non-uniform heat flux
g along the channel and around its circumference.

The correction parameter Cs results from all experimental tests in the database to be ranged from
0.34 to 1.23 with the mean value of 0.84 and a standard deviation of 0.28. This mean value near
unity gave means a good approximation capacity for the expression used to calculate do. However,
the best value for Csp is 0.29 and this is the value that must be used with the three-zone model.



If the minimum film thickness dmin coming from the database is used to obtain the standard loga-
rithmic expression for asim(z) it is possible to takes some errors due to the sensibility of the relation
to Jmin. In fact, when the value of dmin tends to zero the value of afim(z) tends to infinity. In order to
reduce the sensitivity of the model to this parameter, a new expression based on the average value
of the film thickness is used to calculate the mean heat transfer coefficient in the film:

o ()2
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This expression is the substitute of the logarithmic expression presented in the standard three-zone
model. From the database of studies, the specific values of dmin is ranged from 0.01 to 3.0 um. How-
ever, the statically best value was equal to 0.0000003 m = 0.3 um and this is the value to use in the
model. Finally, it is possible to use the surface roughness of the channel in place of this value.

The three-zone model, using these empirical values, predicted about 67% of total database to within
a £30% error. Moreover, it capture the 83% of the single-channel database within the same range.
Next two figures (46, 47) show the comparisons.
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Figure 46: Comparison between experimental heat transfer and the corresponding values given by
the model using the general model.
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Figure 47: Comparison between experimental heat transfer and the corresponding values given by
the model with different constant values for parameters resulting from an optimization on each da-
tabase.



The elongated bubble model for slug flow was developed using the entire heat transfer database,
thus including bubbly flow and annular flow heat transfer data. Does not exist any proven method at
that time to distingue only slug flow heat transfer data points.

The three-zone model shows the importance of the cyclic variation in the heat transfer coefficient in
the elongated bubble flow regime and the strong influence of heat transfer on:

o the bubble frequency,
o the minimum liquid film thickness at dry-out,
o the initial liquid film thickness.

It provides a physically based guideline for what parameters should be measured in future flow
boiling experiments, in addition to the time-averaged local heat transfer coefficients, to better un-
derstand the fundamentals of the elongated bubble heat transfer process.

3.1.2.7. Comparisons

To validate the three-zone model comparison are made in some publications with new experimental
data sets.

Shiferaw et al. (2007, 2009) measured local flow boiling data in a 2.01 mm diameter stainless steel
tube at 8 bar with R-134a as fluid. The three-zone model predicted most of their data within a
+20% error. The prediction seems to be irrespective of flow regime. However, their data at 12.0 bar
were bad predicted, yielding a spread of £30%. It shows a under prediction tendency with increas-
ing pressure.

Agostini et al. (2008) compared their multi micro-channel database with the three-zone methods.
The test section was made by a silicon heat sink constitute of 67 parallel rectangular channels with a
high aspect ratio. The channels were 0.223 mm wide, 0.680 mm high and 20.0 mm long with 0.080
mm fins between one to other. They used vapor qualities above 5% and orifices at the entrance of
the channels to eliminate the inlet effects of the 90° turn in the flow. The database used for the
comparison consisted of 1438 data points for R-245fa and R-236f that considers the fin efficiency
effects. They used for the three-zone model the measured surface roughness of 0.17 um due to sili-
con channels instead of the original value of 0.3 um. The model predicts 90% of these data within
+30%. The Kandlikar et al. (2004) correlation captured 58% and Zhang et al (2004) correlation cap-
tured only the 19% of the data within +30%.

Agostini et al. (2010) measured local flow boiling heat transfer coefficients for R- 236fa in a silicon
test section equipped with 134 parallel rectangular channels. The channel dimensions is 0.067 mm
in wide and 0.680 mm in high with fins of 0.092 mm thick. The experimental section has one central
inlet and two outlets to each side. The three-zone model badly predicts the heat transfer, even using
the measured surface roughness of 0.760 um in place of the original value of 0.3 wm. The most
probably reason is the significant influences of the jet created by the inlet orifice at the center of
each channel united with the recirculation created on these short channels of 10 mm to each side
from the inlet and with the 90° bends in the flow at the inlet and outlet. These effects are not ac-
counted from the three-zone model.

Consolini et al. (2008) compared their extensive database for R-134a, R-236fa and R-245fa ob-
tained in stable flow conditions and near ambient saturation temperature in stainless steel channels
of 0.510 and 0.790 mm with five different methods. They used the Revellin et al. (2008) diabatic



flow pattern map described earlier in the second chapter to eliminate the annular flow data from the
comparison. Therefore, they keep only the data identified to be in the Isolated Bubble and Coalesc-
ing Bubbles regimes. The results are that 77% of the data are predicted within £30% by the three-
zone. However, excluding the bubble flow data or low vapor qualities, the accuracy prediction im-
proved. In comparison, the Lazarek et al (1982) correlation captures 88% of the entire database
within £30% while the Tran et al (2000) correlation captures only 4% within this range, Kandlikar
et al (2004) correlation captures 21% and the Zhang et al (2004) correlation captured 58%.

3.1.2.8. Conclusions

The three-zone model was compared to many fluids data taken by many independent laboratories.
From the comparison results that the three-zone model sometimes gives reasonably accurate predic-
tions of the data while sometimes it does not. Not surprisingly, it seems to significantly under pre-
dict data at very low vapor qualities where the flow regime is bubbly flow and apparently nucleate
boiling is the controlling heat transfer mechanism. Moreover, it does not apparently capture the ef-
fect of micro channel tube diameter correctly. However, this is a first-generation model for boiling
in micro channels and it must be improved. Using the annexed programs, it is possible to simulate
predictions of the three-zone model for specific applications or compare the model to new experi-
mental test data. To improve its prediction for a specific fluid for a specific application when such
data is available, it is suggested to play with one or all the three empirical factors or, for instance, to
set the minimum film thickness as the surface roughness if known.



3.2. Bubble Coalescence Model

The bubble coalescence model is one-dimensional and predicts a confined coalescing bubble flow
in a micro-channel where a convective boiling heat transfer exists. Coalescing bubble flow was
identified in chapter 1 as one of the characteristic flow patterns for micro channels. This regime oc-
curs at intermediate vapor qualities between the isolated bubble and the fully annular regimes.

3.2.1. Introduction to the Model

The Bubble coalescence model extended the work of Thome et al. (2004) expressed in the previous
chapter by “the three-zone model”. Their old model (Jacobi and Thome) for micro-channel slug
flow was for purely convective boiling and for confined slug flow. In the model the local flow was
modeled as a cyclical passage of three different phase, with constant bubble frequency:

e asaturated liquid slug without entrapped bubbles,
e an elongated bubble with an evaporating thin film at the heated wall,
e adry vapor zone if the dry-out is reached.

The local heat transfer coefficient was time-averaged over the total passage period $ and specific
phase passage time Jsiim, 9liquid, Jary . The heat transfer mechanisms can be expressed, as expressed
in the previous chapter:
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The first and third terms represent single-phase contributions of liquid and dry zone. Instead, the
second heat transfer coefficient, for the film evaporation zone, was postulated as pure conduction
through the film’s thickness without the presence of bubble nucleation. In the model is supposed
that film evaporation governs the slug flow heat transfer, which may have the same features as in
nucleate. The passage of bubble trains is generally classified as a slug flow and normally is found at
low and intermediate vapor qualities in micro-channel systems.

Revellin and Thome (2008) with more recently Ong and Thome (2010) divided flow into two parts:

e |Isolated bubble: where the formation rate of bubbles by the nucleation process is much
higher than their rate of coalescence,

e Coalescing bubble: where the characteristic bubble passage frequency reduces from a peak
value to zero that represent the transition to annular flow.

Figure (48) shows the micro-channel flow pattern map proposed.
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Figure 48: The flow pattern map of Revellin and Thome (2008) updated by Ong and Thome (2010).
The map was simulated for R-134a at 7 bar with a mass velocity of 500 kg/m? s and a heat flux of
50 kW/m? in a 500 pum diameter channel.

Where, in the figure:

ib — isolate bubble flow,

cb — coalescing bubble flow,
a —annular flow,

pd — post dry-out flow.

3.2.2. Model Description

This model considers the coalescence of two or more bubbles by the action of inertia and surface
tension. Due to the coalescence, the frequency passage of slug’s decreases and the liquid redistrib-
ute among the remaining flow structures. In the model is assumed that heat transfer occurs only by
conduction through the thin evaporating liquid film trapped between the bubbles and the channel
wall. This model includes a simplified description of the formation and flow dynamics of the liquid
film and the thin film evaporation process. Moreover, the model considers the mass transfer caused
by breakup of the bridging liquid slugs.

This model includes the coalescence in the description of the thin evaporating film and its impact on
the calculation of heat transfer coefficients. As a further development to the previous model, this
investigation therefore presents a simplified analysis of one-dimensional slug flow with bubble coa-
lescence.

The main assumption made for this model are listed following:

Two-phases are in thermodynamic equilibrium without liquid superheat.

Bubbles are nucleated periodically only at the origin of the heated length, where x = 0.
Bubble departure from the wall occurs axially, with no radial detachment.

Liquid film surrounding the confined bubble is laminar. No inertial effects are present, and
is driven only by interfacial shear.

Flow presents axial symmetry.

Interface of the liquid film varies linearly only in the axial direction,

Pressure drop is negligible the fluid properties are constant.

Liquid film thickness is small compared to the channel size.

Heat flux is constant and uniform.
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10. Heat is used only to evaporate the liquid.
11. No heat transfer to the liquid slug and any dry patch may occur.

Some of the above assumptions have strong impacts on the effectiveness of the model. The assump-
tion (2) of bubbles to nucleation at x = 0 may be acceptable at higher mass velocities, where the ex-
tent of the bubbly flow regime collapses towards the saturated liquid curve, for lower flow rates in
fact nucleation may take place over a substantial length of the heated section. Moreover, the as-
sumption of axial symmetry and no radial departure of the bubble (3) simplifies the treatment of the
problem, neglecting circumferential flows induced by gravity or surface tension, but it applies well
only for high confinement number where this type of flow geometry is common. Also, the assump-
tion of neglecting pressure drop (7) is arguable, particularly when bubbles reach high acceleration.
However, many recent studies have suggested that the pressure drop develops mainly within the
liquid slugs rather than in the bubbles. Finally, taking the liquid—vapor interface as linear (6) gives a
good representation of the bubble far from the high-curvature extremities, and in the absence of in-
terfacial waves.

3.2.2.1. Bubble Dynamics

The analysis starts from a mass balance over the finite control volume, CV. It presents a stationary
boundary, an all liquid flow enters the heated sector and a move to boundary, with velocity equal to
the bubble nose velocity, WN. Expressing the balance at the nose of the unspecified bubble, yields:
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mceyv is the mass inventory of the control volume. Expressing the balance with Vcy and Vy that are,
respectively, the total volume of CV, and v the vapor within it:
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Combining previous equations brings to the expression of velocity at the bubble nose:
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Figure 49: The control volume for the determination of the velocity and position of the bubble nose.



The last expression gives the slug velocity as the sum of the speed of the liquid entering the channel
plus a contribution of the phase-change that occur within the control volume. Assuming the phases
to be saturated. The energy balance can be expressed as:
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Where zy is the axial position of the moving boundary. Once the kinetic energy contribution is ne-
glected, the time derivative of the total energy in the control volume became:
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Where uj and uy are respectively the specific internal energies of the two-phases. Applying the defi-
nition of enthalpy:
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Previous expression became:
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Combining the volume, mass and energy expression in the CV:
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Merge last expression with the CV balance and velocity bubble nose, and remove the term:
dV,
—~ =0
dt

Can be obtained:
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Where it was assumed that:

Qy << q
For a time varying heat flux, the equation of zy has to be integrated to obtain the general solution:
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C is the integration constant.



For hypothesis thermal flux q is constant and the initial bubble generation condition z,(0) = 0
must be imposed. Taking the assumption gives the following time law for governing the motion of

the bubble nose:

3.2.2.2. Thin Film Evaporation Process

Figure (50) illustrates an elongated bubble during its flow through a heated circular channel.
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Figure 50: Schematic representation of an elongated bubble, and the control volume for the analysis
of the liquid film.

From an analysis of the thin evaporating film surrounding the bubble it is possible to express the
conservation of mass:
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Where mey,!" is the evaporating mass flux and W the average liquid film velocity in the axial direc-
tion. Expressing in the same way the conservation of energy:
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The film thickness governing equation is obtained combining both conservation equations:
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From the assumption the film is driven only by interfacial shear, si. Thus, is possible to neglect the
pressure drop and inertial terms. The mean cross-sectional velocity of the film in the axial direction
is given from an axial momentum balance:
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From hypothesis the thin film approximation is:

d/D << 1

Moreover, simplifies the expression to the following asymptotic expansion:
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Using last two equations before the terms expansion and dropping the higher order terms yields to
the quasi-linear expression:

In virtue of the hypothesis of the axial film thickness linear variation (which is deemed acceptable
far from the bubble nose and its tail) the solution of last equation may be rearranged in a more con-
venient form:

o(t,z) = dp(t) + 2d4(1)
Where do and o1 are two unknown functions of time. Using the previous equation:
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Confronting the two parts gives the following system of ordinary differential equations:
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Where Co and C; are the two integration constants. Therefore, the sum of the last two equation give
the expression that govern the local film thickness:
Bz+Co 1 [(t+C)qdt

5(t,z) = & -
AL =T o L+ G

The equation can be simplified by the constant heat flux hypothesis:
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3.2.2.3. Initial and Boundary Conditions

The last two equations for film thickness obtained in the previous section represent the behavior of
the liquid film deposited by a liquid slug during its passage. Initial and Boundary conditions must
be found to determine the values of Co and C:. The last equation considering the constant heat flux
and assuming bubble nucleation at t = 0 and z = 0, yields that no liquid-vapor interface should exist
fort — 0 over z > 0. This can be expressed with a limit:

limd(t,z) = 4oc
—0

Thus, the bubble does not exist near the nucleation site at the beginning time. This is satisfied when:
C,=0;C =0

As for the boundary condition at z = 0, 5©(t), for hypothesis the bubble detachment process occurs
only axially, that comport 6©(t) < 0. In fact, z = 0 represents either a contact location of the bubble
with the channel wall, or a dry perimeter, a negative value for 6(t) implies a local condition of
film dry-out. 5©(t) for C1 = 0 can be expressed from d(z,z) equation:
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The above inequality can be satisfied only if Co = 0:
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Figure (51) shows the temporal evolution of the film thickness and the bubble nose near t = 0.
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Figure 51: Temporal evolution of the liquid film and the bubble nose at the initial stages of the bub-
ble development.

It can be observed that, the film shrinks in time due to the combined effect of the vaporization pro-
cess and the drag exerted by the vapor phase.

Merging the last equation of two previous paragraphs gives the time law of the nose film thickness:
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In order to obtain the initial film thickness the limit for t — 0 has to be make for last expression:
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The obtained value represents the nose film thickness when the bubble forms. Moreover for the adi-
abatic case for g — 0 Jn adiabatic = On,0, assuming that the interfacial adiabatic shear is approximately



equal to that for a diabatic flow. Therefore, the bubble’s nose film thickness remains unchanged in
adiabatic flows.

Rearranging last equation, and utilizing the inverse of zn(t), gives:
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The obtained value, dno/D, represent the non-dimensional nose film thickness for an adiabatic flow.

Figure (52) shows the predicted nose film thicknesses in function of the Capillarity number for adi-
abatic conditions and for highly viscous fluids, the relation follows the Taylor’s law.
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Figure 52: Taylor’s law versus the adiabatic capillary number

The non-dimensional nose film thickness is only a function of the bubble’s capillary number:

HiWno
Cay =
o
Therefore, the new expression is:
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When Cay increases, for higher mass velocity, the initial film thickness increases together and caus-
es an increment of the diabatic nose film thickness ono/D. Moreover, the vaporization accelerates
bubble, incrementing its nose film thickness. This trend is in agree with previous relation for slow
bubbles that have values of the Bond number:
Bn= pWZDJo <2
In this case, the liquid film is thinner than the boundary layer in the liquid slug, and on increases
with bubble nose speed. Instead for:
Bn > 2

The film scales with the thickness of the boundary layer, and an acceleration of the fluid brings to a
thinner liquid films.



3.2.2.4. Bubble Frequency and Coalescence

The transition between different phases in the model has a cyclical nature. However, when a certain
vapor quality is exceeded the passage frequency falls due to the rapid increase of bubble coales-
cence. Thus, the frequency presents a maximum value, fmax, at the transition quality between the iso-
late bubble and coalescing bubble flow. Furthermore, the value tends to zero at the transition to an-
nular flow. Next figure (53) shows this trend in an experimental test.
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Figure 53: Experimental bubble passage frequency versus exit vapor quality for a two-phase flow of
R-134a at 30 °C in a uniformly heated 510 pum circular micro-channel.

Form the figure the transition quality described X is evident. It is the transition between the isolate
bubble and coalescing bubble flow and xa, for the transition to annular flow. The bubble frequency
function may be expressed as:

f (X=X )”
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Where f is a shape factor normally equal to 1. Any change in the liquid for a pair bubble-slug dur-
ing its travel is due to:

. Variation of the vapor quality from the heating process
o Change in frequency associated to coalescence.

The liquid mass crossing a given location over one passage period is:
_ GnD?*(1- x)
= i

From that can be obtained the mass variation due to a unitary change in frequency:
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Multiplying the equation by the elementary change in frequency gives an estimation of the mass of
liquid redistributed to the bubble-slug pair during coalescence. Figure (54) shows this redistribu-
tion.
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Figure 54: Schematic diagram of coalescence of two bubbles

For assumption a constant fraction of the film mass will be distributed to the liquid slug, while the
remaining fraction, & <1 participates in the film evaporation process. The liquid intake by the film
is an incoming flux, m''c. It is assumed that the residence time of the liquid slug is negligible with
respect to that of the bubble, the incremental mass added to the liquid film cause to a change in fre-
guency. It can be expressed as:

dm. — m;nDdz om;
Y T

df

From the expression for the vapor quality gradient:
dx  4q
dz Gh;,,D

The mass flux may be expressed as:

e q .
mi(x) = —(x)
c(X) h;,_.w )

Where y(x) is:

T T ¢
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Inserting the incoming mass of liquid given by last equation is the differential expression of the film
thickness gives:

il L il B q
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To obtain a simple closed solution for the film thickness the equation is simplified by the following
expansion:

Y(x) ~ r(xc) + O(x — xc)
The term w(x) is calculated near xc. The expression became:

dd T .08 q
b —o0—=

Therefore w(x) have to be calculated in xc:

Ve =bix) = :‘ff(l )

Xg — X,

In the hypothesis of constant heat flux the film thickness equation is:
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To assure continuity between last equation and the film thickness expression at initial condition in
which coalescence starts, the values of the constants must satisfy the following conditions:

Q. 2
Co= —I;
0 2I}rhig N

Ci=0
Inserting the constants in previous equation gives:

oo Mz g t? rﬁj
a[r.z,.—l_[r 2;)rhr,_.r[] *E'f( t2

This expression is valid for:
t>t,

tc is the transition time at which coalescing ebullition is reached, where the vapor quality is x = Xe.
Using the expression for vapor quality:

_ 4qz
X = GhyD

Inserting it in the equation for zn(t), gives:

r: _ n“}!'.hii.-D lI’l (] } .‘_}rxi)
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To express the value of the film thickness in function of the local vapor quality the following ex-
pression must be used in combination with the previously:
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It gives:
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Matching all the equation obtained for the film thickness with the last one it is possible to express
the liquid film thickness at the bubble nose as:
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Moreover, the expression calculated for tail of the bubble gives:
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Where Bo is the modified Boiling number:

_ q
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Due to the approximation adopted for the liquid film thickness the limit for x — xa yields:

Bo

: too Y, =1
.01 o -
lim —(x:4.) =<0 W, =1
H—sly D = -

oo e <1

This limit provides three different scenarios depending the non-dimensional mass flux, wc:

1. Y. > 1; liquid mass accumulates in the film, destabilizing it;

2. Y. = 1, film is stable in the range of vapor qualities, x, < x < x,, and the flow is at a
threshold;

3. Y. < 1; liquid film remains stable and dry-out occurs at the tail of the bubble.

The last two cases yield stable bubbles, with the boundary film that reach the dry-out approaching x
= Xa. Its residence time tends to infinity. In the last case the liquid film is unbounded, and the liquid
film equation do not give the liquid depletion as the flow approaches the annular flow transition.
Reassuming:

e Ify,. < 1, acoalescing bubble flow persists up to the dry-out where xa =1,
e Ify, > 1,the filmisunstable and xa <1

The relation can be expressed in term of ¢ as following and for quality in range:

§>¢a
X < xg <1
¢, can be expressed as:
. e xcj
TR =X
Next figures (55, 56) show the trends:
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Figure 55, 56: (a) Non-dimensional bubble nose and tail film thicknesses versus reduced vapor
quality for ono/D = 0.02, GD/pi = 1310, G2D/(pio) = 13.0, ¢/(Gh) = 6.0 * 10* g =6, and 0.5 < yc
< 2, (b) three paths on a micro-channel flow pattern map for different values of yc: ib is isolate
bubble flow, cb is coalescing bubble flow and a is annular flow.



3.2.2.5. Local Heat Transfer Coefficients

For hypothesis the heat is transmitted only by conduction through the laminar film of liquid sur-
rounding the elongated bubbles. The residence time of the liquid slug is neglected. Considering that,
the expression of the local time-averaged heat transfer coefficient is:

ki

jf[x:l =f —
) 1/f O(L, X)

Integrating the equation and utilizing the expression for zy(t) for bubble dynamics, the expression
fmax for bubble frequency, the expression for tc and the expression for d(x,¢) gives the following ex-
pression for the local time-averaged heat transfer coefficient for y¢ # I:

() () (58
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Where the functions ®; and O ; are defined as:

(1= po)ln? (1 4+ £x)
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In addition, the function @3 is:
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The heat coefficient equation is applied to the range of vapor quality close to x.. Therefore, the re-
placement of y(x) with y. is acceptable, but, from an operative point of view, is necessary to have
an equation for all vapor qualities, from Xc to Xa. The expression of the heat transfer coefficient must
be corrected to represent where the coalescing bubble flow regime approaches annular flow. It is
possible to represents in a more general form of the equation for the two-phase heat transfer coeffi-
cient in the range xc <x < xa, expressing the dependencies in function of the Nusselt number, Nu:

g7 Ve Xa)
@)|E2)]  nE

Bo(1—v,)

Nu(x) =

Where @ are all calculated in x = xc. Extrapolating from the Nusselt number the simplified heat
transfer coefficient:

{7 VR KeXa )
L OE)]T

D Bo(1— )

a(x)

Where v is a function of the vapor quality expressed as:

. _ Xo— X7
V(X Xe, Xa) =
Xg — X;

Where y is an empirical constant.



3.2.2.6. Empirical Paramters

The model is based on five parameters that remain unknown and that must be defined. The parame-
ters are: 7i, & B, x and fmax. Many of them can be evaluated by physical quantity by either direct or
indirect measurements. The following list reassume the parameters assumption:

« 7 is the interfacial shear stress and is directly related to the initial film thickness, dno. The
expression result from the confrontation of the model prediction with a database of two-
phase heat transfer coefficients, ranged within the coalescing bubble flow mode. The empir-
ical correlation obtained is:

G*x2

v

Where fry is the Blasius single-phase vapor friction factor:
fr, = 0.079 Re%2°

While frq is an added term that accounts the flow evaporation and it is expressed as:

GD\ M £ p\ 4/ ) 2 gD
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If frq = 0 when g = 0 the approximation that i adiabatic = Ti dianatic has a limited applicability. (pi
e pvare inverted in the relation)

e fmax IS the maximum bubble frequency. It depends on the heat flux, on the fluid physical
properties and on the channel size, which influences the bubble confinement. The frequency
can be extrapolated by a non-dimensional analysis:

q 3 0.25
fma.\' = 0.004 (E) (W)

e f describes the decline in bubble frequency at the transition to annular flow. From the data
sets result that the best fitting value of g is # = 1. This conclusion accuracy should be further
verified on more data sets.

e v is an entirely empirical parameter, and its best approximation is:

x=3

o & is a physical quantity that indicates the liquid fraction to film and that must be deduced in-

directly. Their proposed value is:

§ = 0.02

e Xcand xa are the flow pattern boundaries and are expressed by the following correlations:

0.39
x = 0763 LT
G

Y ans 10_4( p )9.45(@)1.4? @ -1.23
! ' P34a 1y ma

Figure (57) shows the calculated trends for the heat transfer coefficients simplified and not within
the range Xc< X< Xa.
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Figure 57: Predictions from heat transfer simplified equation (59) and standard equation (53) for the
flow boiling heat transfer coefficients of R-134a at 31 °C in a 500 um micro-channel at a heat flux
of 50 kW/m? and mass velocity of 500 kg/m?s.

The two curves start at the same point and both decline near x. due to an average thickening of the
liquid film. The standard relation has a gross reduction of the heat transfer coefficient at the inter-
mediate vapor qualities, while increase asymptotically approaching to the annular flow due to the
acute reduction in the film thickness by evaporation up to the film dry-out. This behavior is not ver-
ified experimentally and thus suggests the better solution is given by simplified relation. Both equa-
tions have two minimum values. One at the limit between of the coalescence region, where the film
dynamics give thicker films and lower heat transfer coefficient and the other where film depletion
by evaporation and shear either dominates or balances the coalescing mass flow that comport a
thinner film and higher heat transfer coefficient.

3.2.3. Model Summary and Modified Relations

The coalescence model can be reassumed with the following relations:

e For the heat transfer the simplified relation gives the best results with the empirical data
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e Appling the best fit prediction based on the database the coefficients are:

p=1
Ve = 0002622 )

e The modified Boiling number is:
Bo =

q
e i
E ah_rﬁﬂ_frux

e The three function that appear in the heat transfer for x = x. are:
(1 — yo)In? (1 + %xf)
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e The shear stress is obtained empirically as:

, G*x2
Ti = (fg + foBiasivs) 5—

2p,
e The empiric friction factor is:
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e The Blasius friction factor is:

frv,Blasius = 0.079 Re®?®
e The maximum bubble frequency is expressed as:

q g
= 0.004(— -
fmax (6’) ((]2 D_%pg)

e The transition quality from bubble to coalescence is:

1,0 0.39
xc = 0.763 !
P heG

e The simplified (of the relationship between saturated and critical pressure) transition quality
from coalescence to annular is:

- 123
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The model was compared with a database of 980 experimental data points in the coalescing bubble
flow mode. The refrigerants in the database are R-134a, R-236fa and R-245fa. The section has a
singular circular channel with diameters of 510 and 790 um. Temperatures varies in range between
30 and 32 °C. The mass velocities ranges from 300 to 2000 kg/m?s, and heat fluxes up to 200
kKW/m?2.

3.2.4. Comparison

Next figures (58, 59) show the overall success ratio of 83% for the data predicted within the +30%
error band.
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Figure 58, 59: (a) Experimental heat transfer coefficients versus the computed for a flow of R-134a.
(b) Experimental versus predicted data for R- 134a, R-236fa and R-245fa.
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Figure 60, 61: (a) Experimental heat transfer coefficients versus the predictions for a flow of R-
236fa at different heat fluxes. (b) Computed flow boiling curve for R-236fa.

The best performance is for R-134a, which is the highest-pressure refrigerant, with 93% of the data
inside the same error band. The other two refrigerants have ad error of 79% for R-236fa and 75%
for R-245fa on the predicted data. The three-zone model predicted 75% of the data within the +30%
error band; respectively, 83% for R-134a, 56% for R-236fa and 87% for R-245fa. The largest errors
are near the transition boundary between bubble and coalescence flow.

Bertsh et al. (2008) with a new flow boiling method for micro-channels captures only 39% of this
database within £30%. Next figure (62, 63) compares the predictions to flow boiling data of CO2,
R-22 and R-141b, taken respectively from Choi et al. (2006), Bang and Choo (2007) and Lin et al.
(2012).
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Figure 62, 63: (a) Experimental heat transfer coefficients versus the prediction for CO2 at 10 °C at
different mass velocities. (c) R-141b at 1 bar and at different heat fluxes from Lin et al. (2012).



The obtained values for the CO2 and R-22 show good agreement with the experimental results.
However, the model does not capture the increase in the heat transfer coefficient with mass velocity
for CO». This is probably due to the difference in the experimental and predicted film thickness. For
R-141b data, the model reproduces the increase in heat transfer with heat flux but shows a general
under-prediction of the experimental results that increase at the highest heat fluxes.

3.2.5. Conclusions

The coalescence model and its extension to the entire coalescing bubble vapor quality range, given
by the heat transfer equation based on the Nusselt number, represent a micro-channel two-phase
heat transfer model comprehensive of the bubble coalescence and the thin film dynamics. Model is
entirely based on the prediction of the thin evaporating film. The simplified relations are in well
agreement with the trends reported in the experimental literature. The accuracy of the model de-
pends on the simplifying assumptions adopted from hypothesis. The model also depends on the em-
pirical equations developed for closure. The heat transfer equations are flow pattern based expres-
sions. This entails that they are rely on the precision of the adopted flow pattern map to identify the
coalescing bubble flow regime boundaries. The flow pattern transition is not an exact value but
range in a band of transition vapor qualities. For this reason, the predictions about the transition
boundaries is subjected to the higher errors founded. Finally, this approach, which has been present-
ly developed for a constant heat flux, may potentially be extended to the time-varying heat flux
case.



3.3. Correlations

This paragraph is not intended to be a simple description of a single heat transfer model. Indeed, the
paragraph presents 17" different correlation models from many authors. Models will be presented
shortly with a brief description of the model, the applicability range and fluids analyzed. For a com-
plete description is suggested to check the original papers reported in bibliography.

3.3.1. Introduction

One of purpose of this list of models is to match the transition diameter between macro and micro
scale. Therefore, the correlation are divided in two main sets:

e Macro-Scale correlations:

Chen (1966)

Shah (1982)

Gungor and Winterton (1986)
Kandlikar (1989)

Liu and Winterton (1991)

e Micro-Scale correlations

Lazarek and Black (1982)

Tran et al. (1996)

Kew and Cornwell (1997)
Warrier et al. (2002)

Kandlikar and Balasubramanian (2004)
Zhang et al. (2004)

Lee and Mudawar (2005)

Saitoh et al. (2007)

Bertsch et al. (2009)

Mikielewicz (2010)

Li and Wu (2010)

Mohamed and Karayiannis (2012)

Models are order from the oldest to the newest. All the described models are empirical or semi-
empirical.

3.3.2. Macro Scale Models

Following are presented the macro-scale models.

3.3.2.1. Chen

Chen proposed an additive mechanism to represent boiling and convective heat transfer in micro
and macro tube. The model takes into account the interaction between the two mechanisms by two
dimensionless functions:

o effective two-phase Reynolds number function, F,
e bubble growth suppression function, S.



Where F is a function of the Martinelli’s parameter that consider both empirical correlation of heat
transfer data and a momentum analysis, and S is an empirical function of the two-phase Reynolds
number.

The relation was tested for: water, methanol, cyclohexane, pentane, heptane and benzene with 594
data points for both vertical upper and downward flow in tubes and annuli. The pressure range was
from 1 to 34.8 bar, for the fluid inlet velocity the range was 0.06-4.5 m/s with a quality range of
0.01-0.71.

Following relations express the model:

e Martinelli’s parameter:

.09 /p \05 0.1
= 2 5" (1)
e Convective boiling enhancement factor:
. {1 1/Xyg <0.1

2.35(0.213 + "% 1/Xy > 0.1

e Reynold’s Two-Phase:
Reyp = Rep .F'2°
e Liquid fraction Reynold’s number:
Re;, — (1—x)GD
€L Hy

e Bubble growth suppression factor:

§S= 1 .
1+0.00000253Re;;"’
e Forced convection heat transfer coefficient (Dittus-Boelter):
hy = 0.023Re)¥pr4 &
¢ Nucleate boiling heat transfer coefficient:

079 0.45 049
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hr_y — 0.00122
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e Mean heat transfer coefficient:
hl‘p = Sh::_z + .FhL

3.3.2.2. Shah

The author presented a general correlation named CHAPT for the estimation of heat transfer coeffi-
cients during saturated boiling at subcritical heat flux in tubes and annuli. The relation compares the
convective and nucleate boiling heat transfer coefficient obtained by an analysis of prevalent phe-
nomena in the channel. The original idea behind the Boiling number correction is to allow for the
enhancement of the forced convective heat transfer mechanisms arising from the generation of va-
por in the boundary layer next to the wall. However, the presence of the boiling number term ap-
pears to prevent application to sub-cooled boiling.

The correlation is applicable to both horizontal and vertical tubes with a wide range of fluids and
conditions. It was compared to 780 data points from 19 independent experimental studies. The pres-
sure range is about 0.004 to 0.8 bar.



Following relations express the model:

e Boiling number:

e Liquid fraction Reynold’s number:

e Prandtl’s number:

e Liquid heat transfer coefficient (Dittus-Boelter):
hy = 0.023Re)*pr} 4 &
e Convection number:
108 /p,} 05
Neo = (52°° (1)
e Convective boiling enhancement factor:
F— 14.7 Bo = 0.0011
1543 Bo < 0.0011

e Nucleate boiling liquid coefficients:
0 IfNgo>1:
h;

B

E-I

[ 230B0"> _ Bo >0.0003
1 +46B0°> Bo < 0.0003
0 If0.1<Ncgo<1:
2;1—& — FB0o"? exp(2.74N¢, — 0.1)
o If0.1> Nco:

B — FBo®® exp(2.74N¢, — 0.15)

e Convective boiling on liquid heat transfer coefficients:

hey _ 1.8
BN

e Mean heat transfer coefficient:
hgp = MAX(hep, hnp)

3.3.2.3. Gungor and Winterton

The correlation is projected for forced convection boiling with the aid of a databank that consists of
over 4300 data points for water, common refrigerants (CF) and ethylene glycol. Gungor and Win-
terton used the same layout of Chen’s relation to describe an additive heat transfer constituted from

two different part:

e liquid heat transfer by Dittus-Boelter relation,
e pool boiling heat transfer by Cooper relation.

The correlation is valid both for saturated boiling in vertical and horizontal tubes with diameter

from 2.95 to 32 mm and a pressure range of 0.08-202.6 bar.
Following relations express the model:
e Liquid fraction Reynold’s number:

(1—-x)GD
S | )
Reg T



e Prandtl’s number:

|-1LCp
Pr, =
ry KL
e Boiling number:
q
Bo =
°=GaH,
e Reduced pressure:
b P
’ Pcrit

e Liquid heat transfer coefficient (Dittus-Boelter):
hy =0.023Re}®Pry4 &

e Convective boiling enhancement factor:
E =1+ 24000Bo™'® + 1.37(1/X,,)%8¢

e Bubble growth suppression factor:
N 1
3 141.15x107F*Re/ "
e Nucleate boiling heat transfer coefficients (Cooper):
hnb — 55Pr0.12 (—lOgPr)_O'SSM_O'5q0'67
e Mean heat transfer coefficient:

hep = Fhy + Shpp

3.3.2.4. Kandlikar

This correlation is an evolution of the oldest correlation for predicting saturated flow boiling heat
transfer coefficients inside horizontal and vertical tubes proposed by the same author. The model is
based on the contributions of nucleate boiling and convective mechanisms and incorporated a fluid-
dependent parameter Fr in the nucleate boiling term. The correlation can be extended to other fluids
by evaluating the fluid-dependent parameter Fn for that fluid from its flow boiling or pool boiling
data.

The fluid database utilized cover over 5246 data points from 24 experimental investigations with
water, R11, R12, R22, R113, R114, R152a, nitrogen and neon. The diameter range is 4.6-32 mm,
the mass flux range is 13-8179 kg/m?s, the quality range is 0.001-0.987, the pressure range is 0.4-
64.2 bar and the Confinement number range is 0.004-52.1.

Following relations express the model:

e All liquid Reynold’s number:

R GD
€0 =—
Lo 253
e Prandtl’s number:
|-1LCp
Pr, =
ry KL

e All liquid heat transfer coefficient (Dittus-Boelter):
hy, = 0.023Re]Spr{4 &
e Convection number:
1-x,08 (9, 0
Neo = () (;ﬁ)

e Froude’s number:



e Orientation flux exponential constant:
0 C =0 for horizontal flux
O C =0.3 for vertical flux
e Nucleate boiling heat transfer coefficients
hay = [0.6683Ngy 2(25Fr1,)" + 1058B0% 7 Fplhy,
e Convection heat transfer coefficients
heony = [1.136N¢)? (25Fr1,) + 667.2B0°7 Fylhy,

e Mean heat transfer coefficients
hy, = MAX(heony, inp)

3.3.2.5. Liu and Winterton

This model substitutes the Boiling number instead of the Prandtl number for nucleate boiling de-
pendence. In this way an accurate predictive method covering a very wide range of parameters is
constructed with an explicit nucleate boiling term and without boiling number dependence.

The correlation work for all common fluids and refrigerants with a mass flux range of 12.4-8179.3
kg/m?s, a heat flux range of 348.9-2.62 * 10°® W/m?, a quality range of 0-0.948, a diameter of 2.95-
32 mm, reduced pressure range of 0.0023-0.895. Raynold’s number range is 568.9-8.75 * 10° and
Prandtl’s number from 0.83 to 9.1.

Following relations express the model:

e All liquid Reynold’s number:

R GD
o =—
Lo KL
e Prandtl’s number:
|-1LCp
Pr, =
ry KL
e Reduced pressure:
P = P
" Pcrit

e Convective boiling enhancement factor:
035
F= [1 +xPrL(ﬁ - 1)}
Pe

e Bubble growth suppression factor:

— 1
1+0.055F"" Ref.1®

e All liquid heat transfer coefficient (Dittus-Boelter):
hye = 0.023Re)8pr)4k
e Nucleate boiling heat transfer coefficient (Cooper):
Hop — 55P?.12—D_434]n Ry (- log P;—)_U'SSM_D'SQD'S?
e Two-phase heat transfer coefficient:

ey = \/(Fhzo)? + (Shyp)?




3.3.3. Micro Scale Models

Following micro scale models are presented.

3.3.3.1. Lazarek and Black

Lazarek and Black measured the local heat transfer coefficient and the critical heat flux in saturated
boiling of R-113 in a round tube with an internal diameter of 0.31 cm, and heated lengths of 12.3
and 24.6 cm. They used both vertical upper flow and down flow configurations, the mass flux range
is from 125 to 750 kg/m?s, the heat flux range is between 14 and 380 kW/m? and pressure range is
1.3-4.1 bar. The obtained correlation for the local heat transfer coefficient is expressed in term of
the Nusselt’s number as a function of the liquid Reynolds number and Boiling number.

The resulting relations are quite simple:

e All liquid Reynold’s number:

R GD
€0 =—
Lo 5
e Boiling number:
q
Bo =
°=Gan,

e Two-phase heat transfer coefficient:
hy = 30Re?*"Ba®"" (k. /D)

3.3.3.2. Tranetal.

The correlation of Tran et al. for heat transfer has been developed for small circular channel of 2.46
mm diameter and a small rectangular channel of hydraulic diameter of 2.40 mm with R-12 and R-
113. The obtained data range over of qualities up to 0.94, a mass flux range of 44-832 kg/m?s, and a
heat flux range of 7.5-129kW/m?. Reduced pressure range is 0.045-0.2. Local heat transfer coeffi-
cients were determined experimentally as a function of quality along the length of the test section.
The correlation is valid for both nucleation and convection-dominant boiling heat transfer regimes.

The resulting relations are:

e Weber’s number:

_GD
WE’;_ pLo

e Boiling number:
q

Bo =
°=Gan,

e Two-phase heat transfer coefficient:

—0.4
hy, = 840000(Bo?Wey) - (ﬁ—:)

3.3.3.3. Kew and Cornwell

The correlation is for boiling in single, small-diameter tubes in a compact two-phase heat exchang-
er. It calculates the heat transfer coefficients for R141b that flow in 500 mm long tubes with diame-
ters of 1.39-3.69 mm. The established correlation predicts the heat transfer coefficients reasonably
well for the largest tube, but the accuracy slightly falls with the decrease of tube diameter. From the



correlation results that simple nucleate pool boiling correlations, such as that of Cooper, predicts
with a well agreement the data.

The resulting relations are:

e All liquid Reynold’s number:

R GD
€L =—
Lo ML
e Boiling number:
q
Bo =
°=GaH,

e Two-phase heat transfer coefficient:
h[p = 30[‘1@&85?500-?14%(1 X)_0'143

3.3.3.4. Warrieretal.

Warrier et al. correlation is for FC-84 in small rectangular channel. It is developed for both single-
phase forced convection and for subcooled and saturated nucleate boiling. The hydraulic diameter is
0.75 mm the Boiling number range is 0.00027 < Bo < 0.00089 and quality range is 0.03 < x < 0.55.
The channels are oriented horizontally and uniform heat fluxes is applied at the top and bottom sur-
faces.

The resulting relations are:

e Boiling number:
q

~ GAH,

Bo

e Two-phase heat transfer coefficient:
hy = [1+ 6Bo'/1® — 5.3x065(1 — 855B0)) 3%k

3.3.3.5. Kandlikar and Balasubramanian

The correlation is modified from the Kandlikar correlation for macro scale flow boiling. It was
modified by using the laminar single-phase heat transfer coefficient for all liquid flow. The correla-
tion is also extended for flow boiling in micro channels using the nucleate boiling as the dominant
part of the original correlation. The trends in heat transfer coefficient versus quality are compared in
the laminar and deep laminar regions in mini channels and micro channels. Fg is the same parame-
ter of the old correlation.

The applicability range is for water, R11, R12, R22, R113, R114, R152a, nitrogen and neon, with a
diameter range of 0.19-32.0 mm, a mass flux range of 13-8179kg/m?s, a heat flux range of 0.3-
2280kW/m?, a pressure range of 0.4-64.2 bar.

The resulting relations are:

e All liquid Raynold’s number:

R GD
€9 =—
Lo ML
e Boiling number:
q
Bo =
°=GaH,

e Convection number:



10,08 () 02
Neo = (%) (f,;)

e The liquid laminar heat transfer correlation changes in function of Reynolds liquid number:

(0]

(0}

(0]

ReLo < 100 (directly two phase coefficient)
hep = heo(1 — X)*Bhy,
100 < ReLo < 1600:
hy, = 0.023RelEPr{4 &
1600 < Rero < 3*10%
Linear interpolation between upper and lower coefficient

3*10° < Reo < 10*:
(Rey, —1000)Pry (f/2)(k /D)
1+12.7(Pr; P -1)(f/2)"

hLU =

10* < ReLo < 5*10°%
Rey Pry(f/2)(k /D)
1+12.7(Pr 2 1) (f/2)°*

'hLU -

e Convective boiling heat transfer coefficient:

hegp = 1.136N0? + 667.2Bo™ Fy

e Nucleate boiling heat transfer coefficient:

hygp = (0.6683 N2 + 1058 Bo"™ Fpy)

e Two-phase heat transfer coefficient:

hyp = max(hegp, hnsp) (1 - %)% h,

3.3.3.6. Zhanget al.

The correlation is based on the existing experimental investigations of flow boiling. The correlation
is for saturated flow boiling, developed for liquid-turbulent and gas-turbulent flow conditions.
Therefore, the correlation may not be suitable to predict heat transfer coefficients in micro tubes
when flow conditions are liquid-laminar and gas-turbulent. This regime consideration influences the
Reynolds number factor F and the single-phase heat transfer coefficient hsp. The model is based on
the Chen correlation for four flow conditions such as liquid-laminar and gas-turbulent one often oc-
curring in mini-channels.

The correlation applicability range is: from 0.78 to 6.0 mm for hydraulic diameter, from 23.4 to
2939 kg/m?s for mass flux, from 2.95 to 2511 kW/m? for heat flux and from 1.01 to 8.66 bar for
pressure. The correlation works for water and most common refrigerants (FC and R series).

The resulting relations are:

e Liquid fraction Reynold’s number:

(1—x)GD
n A )
Rep T

e Vapor fraction Reynold’s number:

e Prandtl’s liquid number:

R xGD
e, =——
g g
295 CpL
Pr, =
r; K,

e Prandtl’s vapor number:



Martinelli’s parameter:

Nusselt reation for or Rey:
0 If Re. < 2000 (laminar flow):
max(4.36, Nucoer)

0.25 213 .
<Dy (Tyw—T
N”CI')HI'EF 0.17Re ?'33 PT?AB (P—P;—L ) X {g—,_ﬁp[ howe L 'Ij|

T
o0 If ReL> 2300 (Dittus-Boelter):

01

0.023Re}®pPr}*
o0 [f 2000 < Rer < 2300:
Interpolate between two previous relations.
Liquid heat transfer coefficient:
hy = (ky/D)Nu

Friction factor in function of Regor L

o If REQ orL < 1000:

IG;IRE‘;_U]—g
o If REQ orL> 2000:
0.046 Re 0%
0 If 2000 < Ret org< 2300:
Interpolate between two previous relations.

Chilsom’s constant:

o for ReL <1000 and Reg < 1000, X =Xwand C =5

o for Re. > 2000 and Reg < 1000, X = Xwand C = 10

o for Re. <1000 and Reg > 2000, X = Xytand C =12

o for ReL > 2000 and Reg > 2000, X = Xiand C = 20

o0 Obtained by interpolation between previous coefficients.
Two-phase frictional multiplier:

¢ =1+5+3
Convective boiling enhancement factor:
F =0.64¢;
F=MAX(F,1)
Nucleate boiling suppression factor:
S=(1+2.53x10°Re;} ')
Nucleate boiling heat transfer coefficient (Foster-Zuber):

-1

o (KT pp 0.24 5 p0.75

— MG A 24 5 p0.75
hnb 0.00122 05 ;,0.29 073 1034 "’—“Tm{ A sat
TR g Py

Nucleate boiling heat transfer coefficient (Cooper):
hup — 55P2 1270434 I0Rs (156 p y =055 105 1067

Two-phase heat transfer coefficient:
hep = Shyp + Fhy



3.3.3.7. Lee and Mudawar

The correlation of Lee and Mudawar is for R134a in micro-channel. It is associated with different
mechanisms and relation for low, medium and high qualities. The correlation is divided in function
of quality in three different zones:

e low qualities: corresponding to very low heat fluxes and a nucleate boiling,

e medium quality: high thermal fluxes,

e high quality: dominated by annular film evaporation.
Because of the large differences in heat transfer mechanism between the three quality regions, bet-
ter predictions are possible by dividing the quality range into smaller ranges corresponding to these
flow transitions. The heat transfer coefficient correlation work for both R134a and water for a hy-
draulic diameter of 0.35mm.

The resulting relations are:

e \Weber’s number:

WE’;_ = %
e Reynold’s numbers:
R xGD R xGD
e; =— Re, =——
T T
e Prandtl’s numbers:
L Cpr HgCpg
Pr;, = Pr, =——

e Liquid heat transfer coefficient (Dittus-Boelter):
k
hy = 0.023Re£'8PrL°'43L

e Vapor heat transfer coefficient (Dittus-Boelter):

o

hy = 0.023Re£(,"8Prg°'4

e Two-phase heat transfer coefficient:
o forx<0.05:
hyp = 3.856X%257 1,
o for0.05 < x < 0.55:
hyp = 436.48B0">22We331X0665,
o forx>0.55:
hyp = MAX(108.6X"%%hy, hy)

3.3.3.8. Saitoh et al.

The proposed correlation is Chen-type for flow boiling heat transfer of R-134a in horizontal tubes
and it was modified to consider the effect of tube diameter. This effect on flow boiling heat transfer
coefficient was characterized by the Weber number for the gas phase. This correlation could be ap-
plied to a wide range of tube diameters from 0.5 to 11 mm and in a mass flux range of 150-450
kg/m?s. The thermal flux can vary from 5 to 39 kW/m? in a pressure range of 3.5-5 bar. The refrig-
erant is R-134a.



The correlation is expressed by the following relations:

e Reynold’s numbers:

xGD (1-x)GD
Re;, =—— Re, =———
IJ-g (29
e \Weber’s number:
_ GD
We; Lo

e Martinelli’s parameter:
o for ReL > 1000 and Reg > 1000

X — (_I—X)D_g Pg 0.5 1y 0.1
X I 1t

o for ReL <1000 and Reg > 100r00 os o 0
x= (1) (@) () G

e Liquid heat transfer coefficient hy:

0 For ReL <1000 (Dittus-Boelter):

0.023% Re{*Pr; "
0 For ReL > 1000 (Developed flow):
4.36k;
D
e Convective boiling enhancement factor:
F=1+ 5"/ +we, %%

e Bubble growth suppression factor:

S—1/(1+04(F"% < Re, x 104"

e Bubble diameter:
Dy =0.512[c/g(pL — pe)l*?
¢ Nucleate boiling heat transfer coefficient:

0.745 0.581
ky (gDy Pg 0.533
huy = 20745 (#3) (%) pri

e Two-phase heat transfer coefficient:
hep = Shyy, + Fhy

3.3.3.9. Bertschetal.

Bertsch et al. correlation is applicable over a wide range of parameters. It is developed including
nucleate boiling and convective heat transfer terms while accounting for the effect of bubble con-
finement in small channels. The correlation is developed from a database of 3899 data points from
14 studies covering 12 different fluids. The hydraulic diameters range is from 0.16 to 2.92 mm, and
confinement numbers is from 0.3 to 4.0. The mass fluxes included in the database range from 20 to
3000 kg/m?s, the heat fluxes from 0.4 to 115 W/cm?, the vapor qualities from 0 to 1, and the satura-
tion temperatures from —794 to 97 °C.

The resulting relations are:

e Reynold’s numbers:
GD GD

Re,o =— ;Reg =—
9T, T T

e Prandtl’s numbers:



e Reduced pressure:

e Confinement number:
Co=~+— G/gAp
e Liquid turbulent heat transfer coefficient (Dittus-%oelter):
hpo = O.OZBReE@BPrLO"‘%
e Vapor heat turbulent heat transfer coefficient (Dittus-Boelter):

hg

e Vapor and liquid laminar heat transfer coefficient:

k
0 = 0.023Regy Pry* -

kie | o 0.06682Re; 4, Pry 0
hio/go = 5= | 3.66 + e

140.04(DReyy o L)
e Convective boiling enhancement heat transfer coefficient:
heonv = (1 — X)hpo + Xhgo
e Convective boiling enhancement factor:
F=1+80(x* — x%) exp (—0.6(0)
e Nucleate boiling heat transfer coefficient (Cooper):
hyp — 55],39_12—0_434]11!{;.( log F'r}_D'SS M~05 q067
e Bubble growth suppression factor:
S=(1-x)
e Mean heat transfer coefficient:
hep = Shap + Fhcony

3.3.3.10. Mikielewicz

A prediction method for small-diameter channels and mini channels was presented by Mikielewicz.
The correlation for heat transfer in saturated boiling regime is presented, contrary to other ap-
proaches, in the cases of both conventional and small-diameter channels. The author compared the
results of calculations with some experimental data available from literature on conventional size
tubes and mini channels. The model is based on the analogy between momentum transfer and ener-
gy transfer. It started with the premise that the total energy dissipation in the flow is the sum of the
energy dissipation due to shearing flow without nucleation and the energy dissipation due to nuclea-
tion. Under steady state conditions in two phase flow, the energy dissipation was approximated by
the viscous energy dissipation per unit volume in the boundary layer. Using the analogy between
momentum and energy transfer, the two phase heat transfer coefficient was written in a form similar
to the asymptotic model. The two phase heat transfer coefficient was expressed in terms of the fric-
tional two phase multiplier of Muller-Steinhagen and Heck, the boiling number and the all-liquid
Reynolds number. The Cooper pool boiling correlation was recommended for the nucleate boiling
term corrected by a factor that depends on the all liquid Reynolds number, boiling number and the
frictional two phase multiplier.



The correlation is expressed with the following relations:

e Reduced pressure:
P

P. =
" Pcrit
¢ Nucleate boiling enhancement heat transfer coefficient (Cooper):
hyp — 551.39.12—0.434111 Ry (— log Pr)_D'SSM_D'S q0_57

e Friction factor:
o Tubolent flow:

0.25 k
_ Pg (Ul — [
fi=te ()= (%)

o Laminar flow:

5

fi=Pebp _ Becu (k)"
1 P Hy 2 My Cpe \kg

e Convective number of Muller-Steinhagen:
Pus = [1 + 2(}17— 1);@‘1}(1 -x)'"?+ 8
e Convective additive factor:
P = 0.00253Re};'7 Bo?® (¢pys — 1)70°
e Two-phase on liquid only heat transfer coefficients:

i

| 2
h[[ _ ! n 1 h[f
hio fquS + 1+P (h;_u)

3.3.3.11. Liand Wu

The correlation is based on experimental results of the saturated flow boiling heat transfer in micro
and mini channels for both single and multi-band channel. The database contains about 3700 data
points and cover 12 types of working fluids, in a wide range of operational conditions, and, from
0.148 to 3.25 mm tubes diameters. The correlation uses the boiling number, Bond’s number and
Reynold’s number in a general form to calculate the evaporative heat transfer for micro and mini
channels. In addition, the authors proposed the Bond’s number like a criterion to classify a flow
path as a micro channel or as a conventional macro channel.

e Liquid phase Raynold’s number:

GD
Re;, =(1—x)—
ML
e Boiling number:
q
Bo =
°=GaH,
e Bond’s number:
DZ
Bn = pLg
oL
e Two-phase heat transfer coefficients:
04,

hyp = 334B0°(BdRe] %) " &
3.3.3.12. Mohamed and Karayiannis

The correlation proposed is a statistical correlation for flow boiling heat transfer for R134a in micro
tubes with diameter ranging from 4.26 to 0.52 mm. The heat transfer coefficient was fitted as a



function of boiling number, Weber’s number, liquid Reynold’s number, confinement number and
convection number using the multi-parameter nonlinear least square fitting. The correlation was
based on 5152 data points excluding dry-out data and is valid for mass flux of 100-500 kg/m?s, a
pressure between 6-14 bar and heat flux in between of 2.4-175.4 kW/m?.

The expression of the correlation is reported as follow:

e Reynold’s numbers:

1—x)GD
Re, = L= 0GP
293
e \Weber’s number: |
WE’;_ = %
e Boiling number:
q
Bo =
°=GaH,
e Confinement number:
o
c / /gAp
°=7p

e Heat transfer coefficient in function of hydraulic diameter:
o For=4.26>D>1.1mm:
. 332OBUU.LB WF_‘E'ERELU'” kr.

hep 50 =

o ForD=0.52mmand x <0.3;
0.63 0.2 011
hyp = 3320 — %
o ForD=0.52mmandx>0.3:
e = 5324 [P 1] Py



3.3.4. Comparisons

The following comparisons came from the work of Mahmoud and Karayiannis [2012], they ana-
lyzed the heat transfer coefficients in small to micro diameter tubes. The test section has four stain-
less steel tubes; one tube with D = 0.52 mm and L = 100 mm and three tubes with D = 1.1 mm and
L = 150, 300, 450 mm. All tubes were seamless cold drawn tubes made of stainless steel AISI316.
Each test section consisted in an adiabatic calming section of length 150 mm, a heated section and a
borosilicate visualization section with total length of 200 mm. The comparison was chosen for anal-
ogy with the actual experimental section that use a refrigerant with similar proprieties and tube di-
ameters. Therefore, similar trends are expected.

3.3.4.1. Macro scale assessment

Following are presented the macro-scale comparisons:
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Figure 64: Global comparison of Chen correlation

The correlation predicted only 14% of all data within the error band at a MAE value of 92.3%.
From the figure (64) is evident that the Chen correlation gives a heat transfer coefficient that in-
creases with increasing vapor quality in the very low quality region and then shows up to a plateau
as the quality increases. The behavior of the correlation at very low vapor quality values is opposite
to the experimental. The maximum deviation between the predicted and measured values is ex-
pected to occur at very low vapor quality values and at high vapor quality values when the experi-
mental heat transfer coefficient exhibits an increasing trend with vapor quality.
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Figure 65: Global comparison of Shah correlation.

The correlation predicted 12.7% of data within the error bands of 30% and the MAE value is
58.3%. Figure (65) shows the heat transfer coefficient predicted by the Shah correlation. The value
drops from a high value at very low vapor quality and then increases constantly with increasing va-
por quality. This trend is like the current experimental trend. The correlation tends to work better in
the very low quality region, at high system pressure, and at very high vapor quality.
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Figure 66: Global comparison of Gungor and Winterton correlation
The correlation predicted 45.7% of all data within the £30% error band at a MAE value of 55.4%.
The figure (66) shows the performance of the correlation in all tubes. The correlation gives a heat
transfer coefficient that is independent of vapor quality in the low quality region and it decreases
slightly with quality in the high quality region. However, the correlation over-predicts the experi-
mental values at high heat flux values. Therefore, the correlation works reasonably at low to inter-

mediate heat flux values.
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Figure 67: Global comparison of Kandlikar correlation

Kandlikar’s correlation predicted 55.5% of all data within the +30% error band with MAE of
75.9%. The figures (67) shows, that for the 0.52 mm diameter tube, there is some agreement be-
tween the predicted and experimental values over a narrow range of vapor quality. The correlation
seems to underestimate most of the data in the tube. On the contrary, the correlation captured the
correct experimental trend and magnitudes in the shortest 1.1 mm diameter tube up to high vapor
quality. The over-prediction depicted for the tube diameter of 1.1 mm tube occur at high vapor qual-
ities. Therefore, Kandlikar’s correlation underestimates the trend up to intermediate vapor quality
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and overestimates the values for high vapor qualities.
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Figure 68: Global comparison of Liu and Winterton correlation

The Liu and Winterton correlation predicted 8.9% of all data within the error band at a MAE value
of 59.3%. This correlation looks similar in performance to Chen correlation. Figure (68) shows the

comparison.
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3.3.4.2. Micro scale assessment

Following are presented the micro-scale comparisons:
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Figure 69: Global comparison of Lazarek and Black correlation

Lazarek and Black correlation predicted 42.4% of the data within the error band and the MAE is
43.5%. Its performance is consistent with the behavior of the measured heat transfer coefficient in
the bigger tube. The measured coefficient drops from maximum value at starting ebullition, then it
remains approximately constant over a low quality range. The correlation prediction remains con-
stant with quality, so the correlation highly underestimates the experimental values at high quality.
However, the correlation success in predicting most of the data in the shortest tube. The correlation
was developed considering nucleate boiling as the only dominant mechanism of flow boiling and
thus the predictions deteriorate as the heated length increases due to contribution of nucleate and
convective boiling. Figure (69) shows the comparison.
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Figure 70: Global comparison of Tran et al. correlation

Tran et al. correlation predicted only 2.9% of the data within the £30% error band. The model con-
siders a dominance of nucleate boiling mechanism. However, there is a big difference in the per-
formance of this correlations compared to the actual experimental data.Tran et al. correlation highly
underestimates the experimental data and a decrease in the tube diameter results in a decrease in the
heat transfer coefficient, which is contrary to the trend in Lazarek and Black. Figure (70) shows the
comparison.
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Figure 71: Global comparison of Kew and Cornwell correlation

Kew and Cornwell correlation predicted only 52.5% of the data within the error bands with a MAE
of 39.8% as can be seen in figure (71). It is a modified version of Lazarek and Black correlation, in
fact the difference in performance is not large. The correlation predicts the heat transfer coefficient
increase at a slow rate with quality at the very low quality region and at a relatively faster rate in the
high quality region.
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Figure 72: Global comparison of Warrier et al. correlation

Warrier et al. correlation predicted 1.8% of the data within the error bands with a MAE of 85.6%.
The proprieties difference between the fluid used to make the correlation (FC-84) and the fluid used
in the comparison (R-134a) has a strong impact on the prediction accuracy. Figure (72) shows its
results.
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Figure 73: Global comparison of Kandlikar and Balasubramanian correlation

Kandlikar and Balasubramanian correlation predicted 2.3% of the data within the error band and the
MAE of 66.4% as can be seen in figure (73).
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Figure 74, 75: Global comparison of Zhang et al. correlation with Foster-Zuber (first figure) and
Cooper (second figure) heat transfer correlation for nucleate boiling.
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The best result for Zhang et al. correlation came modifying with the Cooper correlation for the nu-
cleate boiling instead of the Forster-Zuber relation in the original correlation. The figures (74, 75)
show the modified correlation. The prediction displacement is 68.4% within the £30% error bands
and the MAE is 41%. The original Zhang et al. correlation predicted only 12.6% of data within the
error bands with a MAE of 103%. The behavior of the predicted local heat transfer coefficient using
Zhang et al. original correlation is like that predicted by Chen correlation. Both correlations predict
a heat transfer coefficient with a quick increase related to quality in the very low quality region and
a slow increase in the high quality region, which is different from the experimental trend.



40000

T T VEF LA T A T TR T AT T
| Lee and Mudawar [29]&{ Y+ 30 %
35000 [M MAE = 117.5 %hs iy & . 4
g L B=219 oEmER T S e
o W § L el . o
£ 30000 M e AR sl . A
= L 2, . .
E, 25000 |- § ragermi O % 30 %
g S LI
L 3 .
I 2000 4 Semid 1 4
% F P ’ *y .0 . .
5 L e N -
15000 |41 gk i ¢} H i
E $ £ iy ‘i Y "b'.‘ :....
o Lo s’y ‘i . 9
10000 |4 4 R 00
s 150 it g o:r:“
,a_’.‘w!ll LU
N
5000 ""'frirn';'.tf €.l..‘ o»
= A
n |||||||||||||||

L] 5000 10000 15000 20000 25000 30000 35000 40000
Measured HTC, [WimZ K]
¢ D=0.52 mm m D=1.1mm(L=150 mm)
4 D=11mm (L =300 mm) M D=1.1mm (L =450 mm)

Figure 76: Global comparison of Lee and Mudawar correlation

Lee and Mudawar correlation predicted 21.5% of the data within the error bands and a MAE of
117.5%, see figure (76). The correlation predicts poorly the experimental values with a large scatter
possibly because it is not capable of predicting the correct experimental trend. The local heat trans-
fer coefficient behaves according to an N-shape trend, which is completely different from the meas-
ured experimental trends in all tubes. So, the correlation has captured only a few number of experi-
mental points and either underestimates or overestimates the others. The current experimental data
were collected through increasing the heat flux gradually at constant pressure and mass flux.
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Figure 77: Global comparison of Saithoh et al. correlation

Saitoh et al. correlation predicted only 55.6% of the data within the error bands with a MAE vale of
43.3%. According to the figure (77) the correlation predicts the heat transfer coefficient increase
with quality in the smallest tube and its slow decrease with vapor quality in the bigger tubes. More-
over, in all tubes the coefficient jumps to a very high value as the quality approaches to unity. Also,
by inspecting the performance of the correlation at different operating conditions, it was found that
the correlation highly under-predicts the data at low heat flux values. Like the abovementioned cor-
relations, the performance of this correlation gets worse as the heated length increases.
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Figure 78: Global comparison of Bertsch et al. correlation

The global comparison of the present data with the correlation of Bertsch et al. is depicted in figure
(78). It predicts only 57% of all data within the error bands with MAE of 38.8%. For the smallest
diameter of tube, the correlation predicted values increase with vapor quality towards the exit. For
the bigger tube, the correlation predicted heat transfer coefficient sharply or slightly decrease with
vapor quality.
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Figure 79: Global comparison of Mikielewicz correlation

Mikielewicz correlation predict up to 60% of all data within the error bands. Its performance is sig-
nificantly influenced by the variation of the heated length in the short tubes. The figure (79) shows
how the correlation heat transfer coefficient values increase moderately with increasing vapor quali-

ty.
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Figure 80: Global comparison of Li and Wu correlation

The correlation predicts 60.1% of all data within the error bands at a MAE value of 56% as it
showed in figure (80). It highly underestimates the experimental values in the high quality region
particularly when the measured heat transfer coefficient increases with vapor quality. Some investi-
gations by other authors reported that the heat transfer coefficients increase with decreasing tube di-
ameter.

40000 — 11—
| Mahmoud and Karayiannis [31] 3p o L
35000 MAE =159 % - .: .-:_
— — (] L]
=2 B=873% ., wdt T ]
°L 30000 fo Sl 0o
2 ool @355
= 25000 n - . N
'L_) 1 "“.‘ -
= = T J
g 200001 Sl e L
k7] N i
= 15000 [y A ]
2
o
10,000 | 4
5,000 - -
u 1 1 1 1 1 1 1 1 1 1 1 1 1 1 1
0 5,000 10,000 15,000 20,000 25,000 30,000 35,000 40,000
Measured HTC, [Wim? K]
o D=0.52mm m D=1.1mm (L =150 mm)

4 D=11mmi(L=300 mm) M D=11mm(L=450 mm)

Figure 81: Global comparison of Mahamoud and Karayiannis correlation
This correlation predicted 87.3% of the data within the £30% error bands and a MAE of 15.9%, as

can be seen in figure (81). However, Mahmoud and Karayiannis excluded the data of the two long-
est 1.1 mm diameter tubes when developing the correlation.



3.3.5. Heat transfer model summary

In this paragraph all the models and correlations are summarized by category and in their applica-

tion form.

3.3.5.1.

Three-zone model

Table 1: Description of the Thome, Dupont and Jacobi model (2008)

Reference heat flux:

Bubble frequency:

Initial film thickness:

Weber bubble-slug:
Film thickness:
Time for dryout:

Final film thickness:

Time for next liquid slug:

Film thickness heat transfer coef-
ficient:

Heat transfer coefficient for de-
veloped fluxes, Gnielinski:
Friction coefficient f:

Reynolds bubble-slug:

Medium slugs heat transfer coef-
ficient:
Heat transfer coefficient:

Three-zone model:

110.84
5o M z 041)78 a8
d_i = CSU * |:3 * (m * [(007 * Wep ) + 0.1 ]

2
P Up * d;
We, =——>—

o
qx*t
pl*hlg

8(z,0) = 6o(2) -

hig
tary fim(2) = py * 7 * [60(2) — Smin]

If tary fim => tg:

Sena(2) = 6(z, tg)
trim = tg
Else tgry, rim < tg:
Sena (2) = Smin
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o) i in ()
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If Re >= 2300:
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Else:
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3.3.5.2. Bubble Coalescence Model

Table 2: Description of the Bubble Coalescence model (2004)

Slug-coalescence mode:l
Maximum bubble frequency:

Transition quality from bubble to coalescence:

Transition quality from coalescence to annular:

Xa

Blasius friction factor:
Calculated friction factor:

3
- a g
e =00043) )

o 1039
X = 0.763( 1Pg 2)
tih, G
GD\**7 /G2D\ ™"
=14%107* (—) (—)
H pio

frv,Blasius = 0.079 Re%%5

GDy 116 -1.74 1.43
fro=304(—)  «(2) T+ (B) T
”lD Py Hy
q
—e h-hurru]

Shear stress:

T = (frq - frv,Blasius)szcz/va

Boiling number: Bo = q
pg * hlv *D *fmax
Coefficients: _ (xa —-X )X
r= Xg — X¢
_ ( 1—x, )
ve =88 (;—
Decline in bubble frequency at the transition to annular B=1
flow:
Empirical parameter: x=3
Liquid fraction to film: & = 0.002
Heat transfer function for x = xc: (1 -1, *In?(1 + &Xc)
Py
0, =
1c ®3C
b 2
(1—-1,)* [ln(l +p—xc) + 4B0]
O, = 0, -
M P P
O3, = 8% —x * —X. — P In?(1 +—x
_— f 3¢ T va ” (¢ l,l); ( Dv c)
Global heat transfer: —x\B —
W (0 G=)] m(i=g)
a(x)z—l* Py Xa — Xc 1-0,
D Bo* (1 —1,)

3.3.5.3. Macroscale Correlations

Table 3: Macroscale Correlations

MACROSCALE
Chen
Martinelli parameter: X (1 - x>°'9 (pl)—0-51 <M1>0-1
o X Py Hy
Convective boiling enhancement factor: ( 1
1 for —<0.1
_ Xee
F= 0.736 1
2.35 (0.213 + —) for—<0.1
\ Xue Xee
Reynolds Two-Phase: Re,, = Re F'?°
Liquid fraction Reynolds number: R (1 —-x)GD
g =——
H
Bubble growth suppression factor: 1

S =
1+ 2.35 % 10-°Rej"”




Shah

Forced convection heat transfer coefficient
(Dittus-Boelter [39]):
Nucleate boiling heat transfer coefficient:

Mean heat transfer coefficient:
Boiling number:

Liquid fraction Reynolds number:
Prandtl number:

Liquid heat transfer coefficient (Dittus-Boelter

[39)):
Convection number:
Convective boiling enhancement factor:

Nucleate boiling on liquid heat transfer coeffi-
cients:

Convective boiling on liquid heat transfer co-
efficients:

Mean heat transfer coefficient:

Gungor and Winterton

Liquid fraction Reynolds number:
Prandtl number:

Boiling number:

Reduced pressure:

Liquid heat transfer coefficient (Dittus-Boelter

[39):

Convective boiling enhancement factor:
Bubble growth suppression factor:

Nucleate boiling heat transfer coefficients
(Cooper [38]):
Mean heat transfer coefficient:

Kandlikar

All liquid Reynolds number:
Prandtl number:

All liquid heat transfer coefficient (Dittus-
Boelter [39]):

hy = 0.00122

If0.1 <Ngo< 1:
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Convection number:
Froude number:

Orientation flux exponential constant:

Nucleate boiling heat transfer coefficients
Convection heat transfer coefficients
Mean heat transfer coefficients

Liu and Winterton

All liquid Reynolds number:

Prandtl number:

Reduced pressure:

Convective boiling enhancement factor:
Bubble growth suppression factor:

All liquid heat transfer coefficient (Dittus-Boelter [39]):

Nucleate boiling heat transfer coefficients (Cooper [38]):

Mean heat transfer coefficients

1 —x 0.8 0.5

Vo = () ()

x P

=D
C = 0 for vertical flux
C = 0.3 for horizontal flux
hpp = [0.6683N;>2 * (25F10)¢ + 1058B0°7 Fy | hyq
Reony = [1.136N>° % (25F135)¢ + 667.2B0°7 Fy | hyg
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= 55P%12(~logP.) 055 M 054067
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3.3.5.4. Macroscale Correlations

Table 4: Microscale Correlations

MICROSCALE
Lazarek and Black

All liquid Reynolds number:

Boiling number:

Two-phase heat transfer coefficient:

Tran et al.

Weber number:

Boiling number:

Two-phase heat transfer coefficient:

Kew and Cornwell

All liquid Reynolds number:

Boiling number:

Two-phase heat transfer coefficient:

Warrier et al.

Boiling number:

Two-phase heat transfer coefficient:

Kandlikar and Balasubramanian [33]
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All liquid Reynolds number:
Boiling number:

Convection number:

Friction factor
Liquid laminar heat transfer correlation in
function of Reynolds:

Convective boiling heat transfer coefficient:
Nucleate boiling heat transfer coefficient:
Two-phase heat transfer coefficient:

Zhang et al.
Liquid fraction Reynolds number:
Vapor fraction Reynolds number:
Prandtl liquid humber:

Prandtl vapor number:

Martinelli parameter:

Expansion coefficient of liquid phase:

Nusselt relation for or Re,:

Liquid heat transfer coefficient:

Friction factor in function of Regor:

R GD
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Reio < 100 (directly two phase coefficient)
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Chilsom constant: For Re. < 1000 and Rey < 1000
X=Xwand C=5
For Re. > 2000 and Rey < 1000
X =Xwand C=10
For Re. < 1000 and Rey > 2000
X =Xwand C=12
For Re. > 2000 and Rey > 2000
X=XnandC=20

Else:
Linear interpolation between upper and lower coefficient
Two-phase frictional multiplier: 2 C
Convective boiling enhancement factor: F' =0.649,
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Friction factor in function of Regor:

Liquid heat transfer coefficient h;:

Convective boiling enhancement factor:

Bubble growth suppression factor:
Bubble diameter:

Nucleate boiling heat transfer coefficient:

Two-phase heat transfer coefficient:

Bertsch et al.

Reynolds numbers:

Prandtl numbers:
Reduced pressure:

Confinement number:

Liquid or Vapor turbulent heat transfer coef-
ficient (Dittus-Boelter):

Vapor and liquid laminar heat transfer
coefficient:

Convective boiling enhancement heat trans-
fer coefficient:

Convective boiling enhancement factor:
Nucleate boiling heat transfer coefficient
(Cooper):

Bubble growth suppression factor:

Mean heat transfer coefficient:

Mikielewicz

Reynolds number:

Prandtl numbers:
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Reduced pressure:
Nucleate boiling enhancement heat transfer

coefficient (Cooper):
Friction factor:

Convective number of Muller-Steinhagen:

Convective additive factor:
All liquid heat transfer coefficient:

Two-phase on liquid only heat transfer coef-
ficients:

Li and Wu
Reynolds number:

Boiling number:

Bond number:

Two-phase heat transfer coefficients:

Mohamed and Karayiannis
Reynolds numbers:

Martinelli parameter:

Nucleate boiling enhancement heat transfer
coefficient (Cooper):
Confinement number:

Enhancement Factor.

Suppression Factor

Two-phase liquid heat transfer coefficients
for turbulent flow:
Two-phase heat transfer coefficient:

P
P. =

0.12-0.434logR Pcrit
hnp = 55P,.° —0434log P(—logP,) 055V 054067

Py ()25
22
pli l'lv

Rejo < 4000:

Else:
_Ph
fi po
f :ﬂi(ﬁ) '
2 28] va kg
[1+2(1 1)C —1](1 X
- = o7 x|(1—x —
fi f2

= 0.00253Re}L17B0%6(d,,s — 1)7065
n=20.9

0.0668 (%) ReyyPryg

Dys =

o]

If Re,y < 4000:

huo 3.66 +

l
D D
b 1+ 0.04 (T)RewPro
Else: n=2

k
hyp = 0.023 * Rel%gprl%zl-g

ey 1 (hap\°
b o+ i)
hyo \/ M1+ P\

GD
Re, =(1—x)—

qlll
Bo =
°=GaH,

DZ
pn =PI~

Y]

k
hep = 3345’300-3(Re{’-363d)°-4

(1-x)GD
M

w- (2 ()7

° X b Hy

hyy = 55Pr0.12—0.434long (—logP,)~055 =007

,/a/gAp
Co=——

D

2.812C 00408\ %%*
F=(1+2222—
(15—

1
" 14 2.56 % 10-%(Re, * EL25)117
k
h, = 0.023 Reg,-spr,g-‘*g
htp = Shnb + Fhl

Rel =

S




SAPIENZA

UNIVERSITA DI ROMA

3.1. Applicability ranges

The range of applicability of all the analyzed correlations and models is shown in Tab. 5.

Table 5: Correlation and models applicability ranges

Fluid Pressure  Diameter Mass Flux Heat Flux
2 2
Correlation or Model kPa mm Kg/m’s kW/m
Macro-Scale correlations
Chen [1] 6 fluids 55-3792 6.2-2400
Shah [28] R12 40-3308 5-15 70-11071  0.1-1215
Gungor and Winterton [3] 7 fluids 8-20260 5-32 60-8179 2-4579
Kandlikar [2] 10 fluids 100-6400 5-32 67-8179 4.7-2280
Liuand Winterton [29] water 07 29532 124-8189 035262
19743
Micro-Scale correlations
Lazarek & Black [4] R113 130-410 3.1 125-751 14-380
Tran et al. [30] R12 496-827 2.4-2.92 44-832 0.75-12.9
Kew and Cornwell [7] R141b 1.39-3.69 188-1480
Warrier et al. [31] FC84 0.75
Kandlikar & Bal_asubra— Water, refriger- 40-6400 0.19-3.2 13-8179 0.3-2280
manian [32] ants
zhangetal [O] | Water, IEfIger- 101666 0786 2342039 2.95-2511
Lee & Mudawar [33] | Water, R134a 144-660 0.35 127-654 159-938
Saitoh et al. [34] R134a 350-500 0.5-1.1 150-450 0.5-39
Bertsch et al. [5] 12 fluids 100-517  0.16-2.92  20-3000 4-1150
Mikielewicz [8] Waterér:te:“ger' 767-1155 2426  100-500  11-100
Liand WU T3S 15 fiids 311 019201 190570 520
6412
Mahmoud and Karay'a[”lnéi R134a 600-1400 052-426 100500  0.17-158
Mechanicistic models
Thome [10, 11] 7 fluids 350-793 0.77-3.1 50-347 2-2634
Consolini & Thome [12. 1 4 g jq 766-811 051-0.79 300200  1-200

13]

3.2. Similarity criteria

A critical issue in utilizing the available correlations and models is their applicability when dif-
ferent fluids are used. To overcome these difficulty, Delhaye et al. (2004) developed criteria
based on the Kay and Nedderman (1974) assumptions on enthalpy. These criteria may be ap-
plied both to models and correlations and they are useful to understand if the specific correla-
tion is applicable regardless the fluid and the proprieties adopted. The similarity criteria can be

summarized in the following requirements:
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Same channel shape: different shapes influence the boundary layers and the heat flux
distribution along the channel.
Same vapor to liquid density ratio at the respective pressures:

I v
P p(fluid (a)) P p(fluid (b))
To avoid any difference in the volume occupied by every phase the ration between the
specific volume of the two phases should be the same at the saturation pressure.
Same Weber number, to derive the equivalent mass flux G:

GZD Wefl id( )Jpl, t
We = => Gfluid(b) = wed >4
0Py sat D

The inertia/surface tension ratio should be the same to grant the same film, droplet or
bubbles dimension.
Same Boiling Number, to calculate the equivalent heat flux Q:

Q Hyy fruiam) * Qriuid(a) * Griuiap)
Bo = CH. Qfuia®) =
v

Hlv,fluid(a)-Gfluid(a)

The Boiling number can be thought of as a ratio mass flow rates per unit area. A differ-
ent mass of vapor generated can change the vapor distribution in the cannel up to the
thermal crisis.

Same equilibrium quality, to calculate the equivalent inlet temperature:

X ~ Hl,in - Hl,sat =
eq,in = H -
147
Hlv,fluid(b)
H(T)yin fruiaw) = Hisat fruiap) + [T @) (Hyin — Hl,sat)ﬂm-d(a)
W, fluid(a

The use of the same equilibrium quality to calculate an equivalent inlet temperature is
useful to grant the same energetic inlet condition for the fluid.

Due the limited literature concerning the use of FC-72, the similarity criteria have been adopted
in this thesis only for pressure drop calculation and for subcooled boiling vapor and void frac-
tion calculation. The use of the criteria for heat transfer models will be done in a further work
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3.3. Subcooled model

This section is intended to analyze the subcooled boiling phenomenon with a new model. Sub-
cooled boiling can be the predominant boiling phenomenon at low reduced pressures due to the
fluid vaporization inertia. Wetting fluids, as FC-42, shows a high thermal hysteresis in high
subcooled condition at the inlet, as reported in the work of Celata et al. (1992). In the paragraph
a new model, based on the work of Delhaye et al. (2004), to calculate vapor quality and void

fraction is proposed. Figure 82 shows different boiling phases along an experimental section.

Lenght: 100mm " ".\ -
140000 l?nlﬁ:?i;ir\-::nn?;nan/mn 5 - Film 0o 00 o
Heat flux: 3-130W/m2 e ﬁ
120000 Pressure: 3 KPa BOlllng
— 100000 - 4 “I 'J]..-‘
o ke . . }'
£ 4 - Transition e QTS
= BO000O0 oge e Whg: 5 !
— Boiling —
2 3 - Fully Dev.
- Nucl. Boiling — eeee—
o 2 - Partial Nucl.
i
0,00 10,00 20,00 30,00 40,00 50,00 60,00 BOlllng
Twall - Tsat [K]
—e— Thermocouple 1: 14.1mm —e— Thermocouple 2: 23.6mm I - Forced j_j
- Thermocouple 3: 34.0mm —e— Thermocouple 4: 45.5mm Convection S

Figure 82: Heat flux vs wall superheating at 1150 Kg/m?s on 100 mm tube, boiling phases.

3.3.1. Subcooled boundaries calculation

Single phase forced convection ends when the first vapor bubbles appear at the first nucleation
site at the ONB (Figure 83). When a significant increase in the void fraction occurs, the fluid
reaches the “onset of significant void” (OSV). Finally, saturated boiling starts when the whole
mixture is in saturated conditions. Once defined ONB and OSV is possible to distinguish two
regions in the subcooled zone: the partially developed boiling (PDB) region, delimited by the
ONB and the OSV, and the fully developed boiling (FDB) region which is delimited by the
OSV and the saturation point.

145



Heat Transfer and Pressure Drops in Micro-Tubes

p —
”~
-~ N\
J O
Satu.rf.lted 0 /j; J
Boiling \ /’ PR
il /,/ A o
I-'.'/; ,'* s
=Y Y
S ) Bl;lbbly
Subcooled NS0 ow
Boiling Region| ¥~ 7~ -7)
) EDB")
259N J /,','r/
osv =}~
e PDB
ONB =} : -
Forced
Convection
pra-

Figure 83: Subcooled flow boiling representation in a vertical channel

The void fraction increases slightly from the ONB to the OSV and it increases much faster in
the FDB region. The wall temperature increases linearly in single phase flow and remains al-
most constant in the boiling region, as shown in Figure 84.
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Figure 84: Wall temperature, bulk temperature and void fraction trends at the increasing of equi-
librium quality

The Onset Nucleate Boiling (ONB) can be identified by an energy balance, as stated in Delhaye
et al. (2004):
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GCplD . ((Tsat - Tl,in) + (ATsat)ONB) 1

ONB =
4 Q hl,conv

The convective heat transfer coefficient hiconv can be calculated by the well-known Petukhov-
Gnielinskii correlation. The ONB interests only the liquid film around the tube, therefore the
fluid properties are evaluated at the film temperature:

(T:(zons) + Twau(Zons))
2

The only exception is the liquid heat capacity, that is calculated at the average temperature be-
tween the inlet and the ONB:

(Tl (Zzong) t+ Tl,in)
2

The wall superheating (4Ts,: = T,y — Tsq:) at the ONB point can be calculated by a modified
Frost and Dzakowic (1967) correlation for water:

0.5
8GQTsat > Pr0'95
kl,satHlv,satpg :

(ATsq)onp = (

The Pr number exponent has been changed in this work to 0.95, to better agree with the availa-
ble experimental results. All the proprieties in last equation are calculated at the saturation tem-
perature Tsat. Tab. 5 shows the equivalent applicability range for FC-72 using similarity criteri-
on, as described in previous paragraph:

Table 6: Frost and Dzakowic correlation (1967): applicability range for FC-72

Parameters Water FC-72
Pressures | 0.1-20 MPa 0.0075-1.57 MPa
Mass velocity \ No restriction No restriction
Heat flux | 150 KW/m? 6.5 kW/m?

The liquid temperature at the ONB point, to be used in the fluid proprieties calculation, is calcu-
lated iteratively from the energy balance:

— T QZoNB
T@) = T + 420

The heat capacity cpi is calculated at the average temperature between Tin and T(x) where x is
Zons.

The Onset of Significant VVoid point is identified through the Saha and Zuber correlation (1974),
as suggested in the Delhaye et al. model (2004). It is calculated starting from the ONB point.
The liquid bulk temperature at the OSV is:

Tl,OSV = ATosy — Tsar

Where ATosv is the subcooling degree and it is calculated according to two possible ranges of
the Peclet number:

= Pe <700000; AT,q = 0.0022 i—”
l
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= Pe >700000; AT,g = 153.8-—

G'Cp,l

Where:

Pe = ch.l -D
ky

The fluid properties are calculated at the OSV temperature. From the thermal balance at the
OSV point, it is possible to identify the axial position (Zosy) Where OSV starts:

GD

Zosy = Zong + [Hl(Tl,OSV) - Hl(Tl,ONB)] E

ONB and OSV points will be used as boundaries in the void fraction calculations for the partial
and fully developed boiling regions.

3.3.2. Void fraction calculation

Two-phase pressure drop calculation needs the evaluation of the void fraction. The Zuber and
Findlay drift flux model (1965) is widely used in the literature to evaluate the void fraction a.

T+,

Where Co is the distribution parameter, that is a function of the local vapor void fraction and the
local mixture velocity; Vg is the weighted drift velocity, that physically depends on the radial
profile of the void fraction and can be calculated as a function of local the vapor void fraction
and the local vapor velocity; I' is the volumetric flow rate. These parameters, in the original
work, are semi-empirical and based on a fluid database. Lahey and Moody (1977) proposed dif-
ferent methods to calculate the void fraction in subcooled boiling, based on the Zuber and
Findlay (1965) model, that was developed to estimate the void fraction in the fully developed
boiling region.
o= Xy PG
Colxy pr+ (1 —x) " pu)G + Vg py - py

The differences of the Lahey and Moody (1977) model from the original one are: (a) the rela-
tion between actual vapor quality and equilibrium quality, (b) the distribution parameter Co cal-
culation and (c) the weighted drift velocity Vg calculation. Most of the available models calcu-
late the void fraction in fully developed boiling region assume a zero quality in the partially de-
veloped boiling region. However, Levy (1967) and Griffith et al. (1958) proposed correlations
for the void fraction at the OSV. Delhaye et al. (2004) improved the Lahey and Moody (1977)
extending the range up to the end of subcooled region, concatenating different approaches to
different regions of subcooled boiling.

(@) Relation between non-equilibrium and equilibrium vapor quality in the subcooled region

The vapor quality xy is the vapor mass fraction in a mixture. It is different but related with the
equilibrium quality Xeq:

148



Heat Transfer and Pressure Drops in Micro-Tubes

H(Z) - Hl,sat

Xeq (2) = H
147

The original model from Lahey and Moody (1977) assumes the quality between ONB and OSV
(PDB region) equal to zero. However, this approach would lead to an overestimation of the void
fraction between the OSV and the saturation point (FDB zone). Therefore, a modified non-
equilibrium quality model which adopts an approximation of the subcooled void in PDB and FD
regions should be used. Delhaye et al. (2004) proposed a hyperbolic tangent to approximate the
transition.

xeq(ZONB)

%,(Z) = 0.01¢ {xeq(Z) — Xeoq(Zon) [tanh ((M) _ 1) + 1]}

x,(Z) = xeq(Z) if xeq(Z) = x,(Z)

¢ is a custom constant that must be identified to allow the first order continuity of the quality
function between the PDB and FDB regions at the OSV point, where the vapor quality at OSV
is expressed by the formula:

1

Xv,05v = P 1 — o
(69 (7))

being a,gy the void fraction at OSV originally calculated by Griffith et al. (1958) for water. Ta-
ble 6 summarizes the applicability range for the original Griffith et al. (1958) model.

Table 7: Griffith (1958) OSV model applicability range

Parameter Water FC-72
Pressure | 3.4 -6.9 - 10.3 MPa 0.25-0.57 - 0.8 MPa
Mass velocity | 80 — 400 kg/m?s 155 —1500 kg/m?s
Heat flux | 1600 — 8500 kW/m? 80 — 365 kW/m?

To extend the applicability to other fluids Delhaye et al. (2004) changed that model, introducing
the capillarity length:

_ 4a
Hosy = D
where:
leP‘I"l Lcap

a=7.5
hlz [Tsat - TI(ZOSV)] D

The capillary length Lcap is defined as:

o

Lo, = |[———
“ar 1g(p — py)

The single-phase heat transfer coefficient, h; is evaluated by the Dittus-Boelter correlation and
all the fluid properties are calculated at the OSV temperature.
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(b) Distribution parameter

The distribution parameter Co used is calculated by the equation from Nabizadeh et al. (1980):

11*n

1—x -1 1 nol—x,\ 9
Co = (1+ "-p—”) - 1+—-Fr‘°'1-<&) ( ”)
Xy P n P Xy

where:
n= 0.6,01 — Py
P
Fr is the Froude number defined as:
GZ
Fr=———
g-D-pj

The void fraction a is largely influenced by the distribution parameter, Delhaye et al. (2004) de-
fines the equation as the most promising in the literature, because it involves pressure, mass flux
and quality. Other equations, as from Saha and Zuber (1974), use a constant value and Dix
(1971) uses a function of quality. Also in Delayie at al. (2004) a new correlation was proposed,
but it is specific for their facility and not suitable. for FC-72.

(c) Weighted drift velocity

Void fraction equation is weakly influenced by the weighted drift velocity and the original for-
mula proposed by Zuber and Findlay (1965) is accurate enough for the calculation, as stated in
Delayie at al. (2004).

0.25
og-g(p — pv)>

vV, =1.41
g ( pt
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4. Pressure drop methodology

This paragraph analyzes different pressure drop mechanisms considered during pressure drop
calculations. Pressure drops in subcooled boiling are different from developed boiling due to a
“recovery” effect due to bubble implosion. The paragraph ends with a summary of the most fa-
mous literature correlations for subcooled boiling, developed boiling and micro-channels pres-
sure drops. All the correlations are used to calculate pressure drops coefficients

4.1. Pressure drops in flow boiling

Some examples of pressure drop trends at different heat fluxes, from the BOEMIA experiments,
are shown in Fig. 85. The same trends were also observed from other authors, as in Kim and
Mudawar (2012).

The pressure drop increment is not constant and four different zones can be identified.
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Figure 85: Total pressure drops at different heat fluxes, for 100mm (a) and 200 mm (b) tubes.

The subcooled fluid enters the channel (1) and the pressure drops are related only to the liquid
frictional losses (dp/dz).. When the fluid reaches the subcooled boiling point at ONB the bub-
bles that are formed on the tube reduces the available spaces in the channel accelerating the flu-
id and consequently the pressure drop increases (2). However, the embryo bubbles at ONB are
formed in cavities and when they emerge encounter a large temperature gradient causing bubble
reduction or implosion, with the resulting instabilities. The instabilities related to the wall su-
perheating hysteresis are particularly marked for wetting fluids as fluorocarbons (You and Si-
mon (1990)). In the full developed boiling region (3), before the saturation point, the accelera-
tion pressure drop (dp/dz)acc quickly increases with the void fraction. The frictional losses are
higher due to the presence of two phases flowing through the tube. In region (2) and (3), the
single-phase model fails to predict pressure drops and it is necessary to adopt a new model. The
void fraction, thanks to its relation to the acceleration and frictional pressure drops, can be used
as the main parameter to adapt usual two-phase models, such as Lockhart-Martinelli (1979),
Friedel (1979), and others. The choice of using two-phase models instead of developing specific
correlations is the wide validity range of the model and the possibility of use only one model for
all the boiling zones. Margulis and Shwageraus (2014) followed the same approach in their
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work, using the Osmachkin and Borisov (1960) correlation. After the saturated point, the pres-
sure drops are well known (4) and the traditional two-phases models can be used.

The total pressure drop is expressed as:

d d d d
(), -, )+
dz/; dz/s dz/ gce dz/,

In the single-phase zone, only the friction contribution is considered.

The acceleration contribution, also considered in the subcooled region, is here expressed in
terms of the vapor quality xv instead of the equilibrium quality Xeq:

(dp) _G* [ p x} N <(1 —x,)? 1)

dz acc P \py @ (1 - a)

Figure 86 shows the emphasized theoretical trends; the gravitational pressure drop (dp/dz)g is
null because the channel is horizontal.
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Figure 86: Pressure drop contributions at different void fractions

4.2. Pressure drops in single phase transition flow

In the analyzed tests, the fluid is subcooled at the inlet and a zone of the tube is in single-phase
forced convection until the onset of nucleate boiling occurs. As described, the Reynolds’ num-
ber in the ENEA experiments varied from 2750 to 4500. Being these values between the con-
servative range 2000 < Re < 4000, the flow is mainly in transition between the laminar and tur-
bulent flow. In this region, there are no reliable models able to describe the phenomenon. Sev-
eral empirical equations have been proposed for computing the transitional pressure drop:
Brownlie (1981); Cheng and Chiew (1998); Ligrani and Moffat (1986); Yalin and Da Silva
(2001). However, a simple interpolation method may work better in calculating pressure drop in
the transition range.
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In a first approximation, the pressure drop must vary between the boundaries of laminar and
turbulent flow. Thus, if the channel is long enough, it is possible to consider the average pres-
sure drop in a section of the channel, neglecting the physical oscillation between laminar and
turbulent flows. In fact, in the same section and over a brief time interval, the fluid statistically
changes its behavior cyclically. Then, the friction factor variations can be related to the Reyn-
olds number by a polynomial interpolation between the laminar and turbulent friction factor. To
avoid any discontinuity in the functions at the boundaries, a third order polynomial has been
adopted. This polynomial function can be expressed as:

foran =@ Re®>+ B-Re”2 +y-Re +6

The 4 constants a, 3, y, 6 can be obtained by a 4-equations system, where the following bound-
ary conditions are imposed:

( A: fiom = ftran For Re = 1100
B: fr,trans = fturp  For Re = 8000

i C: fiom' = firan  For Re = 2000
D: firan' = frurp’ For Re = 4000

The first two conditions are taken far from the boundaries, when the fluid is certainly laminar or
turbulent; the second two conditions are needed to assure the function continuities at the bound-
aries. The two well know equations used for laminar and turbulent pressure drops in single
phase are:

64

Darcy friction factor flam = Re
e

Colebrook friction factor  1/\[F 21 < e 2ot
olebrook friction factor oy = —2log
3.7D Re\/fturb

The Colebrook equation (1939) is solved recursively. ¢ is absolute rugosity of the wall, D is the
channel diameter, and Re is the Reynold’s number. Figure 87 represents schematically the fric-
tion factor trend.
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Figure 87: Interpolation curve for the transition friction factor; A, B, C, D are the 4 boundary
condition points.
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Then, the frictional pressure drop in the subcooled liquid from inlet up to the ONB can be calcu-
lated by the equation:

2

Z
AP; = -
7=1"D 2,

4.3. Pressure drops in subcooled and saturated boiling

In literature, there are few predictive tools specific for subcooled flow boiling, and they are rec-
ommended mostly for water in circular tubes. The two-phases models selected to validate the
present methodology for the subcooled and saturated boiling zones are: Friedel (1979),
Chisholm (1967), Lockhart-Martinelli (1949), Chawla (1967) and, Miller-Steinhagen and Heck
(1986), summarized in Table 7.

To compare the methodology with some specific subcooled correlations, those by Owens-
Schrock (1960), Kim-Mudawar (2012) and Tong (1997) have been also selected. These correla-
tions have been used to calculate the pressure drop in the subcooled flow boiling region, be-
tween ONB and the saturation curve. The ONB and OSV points are calculated by the proposed
methodology and used to calculate Zsup and Zsar used in the literature correlations. Owens and
Schrock’s correlation (1960) was developed for water flow in 3 and 4.6 mm tubes. The correla-
tions of Tong et al. (1997), was developed for water flow in 1.05-2.44 mm tubes and with two
different length-to-diameter ratios. Kim and Mudawar’s (2012) correlation was developed for
HFE 7100 (and extended for water and R134a) and for 175-415 um tubes.

The experimental data are related to the total pressure drops from the inlet to the outlet, the fluid
enters in the tube in liquid single phase with a high degree of subcooling. Thus, for the calcula-
tions, the data has been analyzed calculating the pressure drops from the inlet up to the ONB
point (Eq. 5) as in single phase, with the transient single-phase Eq. (32). Furthermore, the points
where the fluid being saturated (54 points) are not considered in the assessment of subcooled
boiling method but only assessing the whole methodology. The experimental setup is provided
with the pressure transducer at inlet and outlet, thus only the total pressure drop, from inlet to
outlet, were available for the assessment.

The proposed methodology uses a different correlation to calculate pressure drops for every re-
gion; In single phase the standard pressure drop equation from Colebrook (1939) were used, in-
stead, for subcooled and saturated flow boiling the correlations in Tab. 8 were used with the
void fraction and quality. However, it should be noted that, theoretically, the subcooled and sat-
urated boiling correlation cannot be the same in the two zones. In fact, the best agreement was
obtained using different correlations to best fit the data. For comparisons some literature sub-
cooled boiling correlation are summarized in Table 9.
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Table 8: Two-phases pressure drop models

Name Equations

Lockhart-Martinelli ( ) ( P)

(1949) '\dz

(32), = 455, <1—xv>2( )

Pf =

J_ tht

H Pv 035 11 —x, o9
=) () (57)
Wy Pi Xy

Jzo Re; > 4000; Re, > 4000

10 Re; = 4000; Re, < 2000
12 Re; <2000; Re, = 4000
LS Re; <2000; Re, <2000
interpolated other ranges
0.079

Rel?®
GD 6D

C =

l =

l v

Friedel (1979) (d_p> _ o2 (d_p>
dz f dz 1

(@), = 4n5ea - (37)
3.24F - M

0.045
Fry

P2 =E + We0035

E =1 —x,)*+x5—
T i

F = x3.78(1 _ xv)0.224-
M= <&)0.91 . (&)0.19 <1 _&)0.7
Py 28] 23]

Chawla (1968) (d_p> _ o2 (d_p>
dz f -l dz 1

(&), = 5620 -7 ()
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2375
D2 = x175(1 4§ - x,,_)p_v
: Xy Y|

1 1—x -0.9 0.5
—-=91 ” (Re,Fr)~0-167 <&) <ﬂ)
S Xy Py My

GZ

pt gD

Fr =

Chisholm (1967) (d_p> _ o2 (d_p>
dz f -l dz 1

dp 1 /1
(E);‘%G (z—p,)
I{0.079

*/Re
fl,v — { Lv

16 R < 2000
lRel,v el,v

2—n 2—-n

®? =1+ (Y?—-1)Bx, 2 (1—2x,) 2 +x,2 " wheren
= 0.25 (Blasius)

Re,, = 2000

_ 26267
a — ﬁ Dpl ) b fv Dpv
(55
oz 0<Y<9.5;G =1900
2400
< 0<Y<9.5;500 <G <1900
B >20 0<Y<95;G <600
={ — < .5;
YVG
21
7 95<Y<28;G =600
15000 Y > 28;G <1900
\ Y26 -
Mdller-Steinhagen (dp> 1
—] =6(1- 3+ Bx3
and Heck (1986) dz/s (1= x,)3 + Bxy

G =A+2(B - A)X,

1= (), = 15 (55)
N le_ le Zpl

5= (3),= 5 (3,)
N le_ va va
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(0.079
I K Rel
2V, v
fl,v = {

16 R < 2000
lRelv el,v

Re;,, = 2000

Table 9: Two-phases subcooled and saturated boiling pressure drop models

Name Equations
Owens-Schrock (1960) (d_P)
242 sup (o 97 + 0.028¢” 13Lsat)
..
Z/ ad
Tong (1997) Ir(Zsub) ?:;HH £ -
sub Lsat D
L(Zgub) Zsub+1.35 £ _ 95
Lsat D
Kim-Mudawar (2012)
(@)= (@), @)
dz F dz sub dz TP
dp
(E)sub L 054 Zsub
——3W = 20.73 - Ja" 08 (—)
(d_P) D Lsat
dZ ad
Ja = _Cp'l 'fITSub,in
v

D
Lgqr = Ecp,l(’rsat - Tl)inlet

Zsyp = min(L, Lgqt) — Zong

dp ZoNB 2G?
(@) =750 5
dz/ qq D P
d d

(—p) -9t ()

dz TP dz 1

C 1

157




Heat Transfer and Pressure Drops in Micro-Tubes

0.046 Re;0?

0.079 Re; )
16

kRel,v
0.048 Re;*51
C =

hv =

1.45 Re>> Wel?3
2.16 Rel%* wep®
W G?D
€l =——;
lo 0.0

e =————,

Re,, = 20000
2000 < Re;,, < 20000

Re;, < 2000

Re; > 2000; Re,, > 2000

Re; < 2000; Re,, > 2000

Re; < 2000; Re,, < 2000
G(1 = xeq)D

Re
23} v

v

The proposed methodology provides encouraging results by using Friedel (1979) and Chisholm
(1967) correlations in the subcooled boiling zones. A lower agreement has been obtained with
the Chawla (1968), Lockhart-Martinelli (1949) and, Miller-Steinhagen and Heck (1986) corre-
lations. The other subcooled boiling correlations have been also considered to compare the re-
sults from the present methodology with authoritative and recognized correlations.

4.4. Methodology summary

The total pressure drop in the tube can be calculated as:

7 A S - B -
0 dz T 0 dz f.SP ZoNB dz f.TP dz

ZONB

Zt d
), (@)
acc 0 dZ g

The gravitational contribution is neglected if the tube is horizontal (y = 0):

Zt dp) th
—) =1 p(Z)g-dZsiny
,[0 (dz g 0

The acceleration contribution is calculated in two-phase only, neglecting the density variation in

the single-phase zone:

Zt Z 2 2 _ 2
[ @[ C(ad (G-

ZoNB ong Pl

A: Regions boundaries (ONB and Saturation points)

)

The single-phase region ends at the onset of nucleation boiling point, which can be identified as:
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GCplD . ((Tsat - Tl,in) + (ATsat)ONB) 1

ONB =
4 Q hl,conv

where the wall superheating at ONB is obtained from the modified Frost and Dzakowic correla-

tion:

0.5
80QTsqs
(AT,,0) = (— Pr2os
sat/ONB kl,satHlv,satpg :

The saturation length is obtained by a simple energy balance:

G . D Tsat

sat = W - Cpl . dT

from which the saturation point is identified as Zsat = Lsa, if Lsat is less or equal than the tube
length.
B: Single-phase pressure drops

The pressure drops in single phase are evaluated with:

J‘ZONB <dp> J‘ZONBf G> 47
0 dz f’SP_ 0 2Dp,

where the friction factor f is calculated to consider the transition flow regime.
C: Void fraction and actual vapour quality

To calculate the acceleration and the two-phase frictional contributions, the evaluation of the
void fraction is needed. It is calculated by the Lahey and Moody model:
_ Xy PG

CoCxy-pr+ (1 —x) - py)G + Vg o1 Py

a

The distribution parameter Cois evaluated and the weighted drift velocity.

In the partial developed (between the ONB and the OSV points) and in the fully developed

(from OSV to saturation) boiling regions, the non-equilibrium vapor quality is assumed, follow-

}

ing Delaye et al.:

x,(Z) = 0.01¢ {xeq(Z) — xeq(Zows) [tanh (<M> - 1) +1

Xeq (Zong)
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where the equilibrium quality (negative in this zones) is evaluated. The parameter §is evaluated

imposing the continuity at Zosv with the quality calculated.
D: Two-phase pressure drops

The Chisolm’s model provided the best agreement with ENEA data:

th (dp) _J‘Zt 2 <dp)
dz f.TP - L dz 1

ZoNB ZoNB
dp VA 1
Py — 46201 - ZQ—)
(dz)l i D (1 =x) 2p;
( 0.079
| Re;, = 2000
4 41/Rel‘v ’
fv=1"16
R < 2000
lRel,v el'v

175 175
@2 =1+ Y2-1)Bx, 2 (1—x,) 2 +xL7°

Y__@%)”Z_Y _ 267 26
\) HlaThiggi b=k,
(55
= 0<Y <956 >1900
2400
——  0<Y<9.5500<G <1900
520
B={17% 0<Y <956 <600
21
- 9.5 <Y <28;G > 600
15099 Y > 28;G < 1900
\ Y26 -
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5. Experiment Description

Two different experimental setups were used with a different layout and experimental section.
The tubes diameter tested vary from 1mm up to 4mm. The first experimental section was called
BO.E.MI.A. (Boiling Experiments in Mlcrochannel Apparatus) and developed as micro-boiling
ground system. It developed to work with small tubes (0.25-2 mm) and equipped with 0.75 and
1 mm tube with two different tube lengths. In this section, due to the long tube length and
smaller diameter, was tested the pressure drop model. The second section is called MicroBo
(Microgravity Boiling) and was developed to be used in parabolic flight at near 0 g acceleration.
The section can use tube from 1 mm up to 8mm and was equipped with tubes of 2 and 4 mm.
Both sections use FC72 as refrigerant and for both were calculated the heat transfer coefficients.

The paragraph presents the sections details.

5.1. Uncertainness

Following equations were used to calculate uncertainness and experimental error for the two

experimental systems.

C coefficient for thermal heat flux (known value):

[ * Cp * ATin,out
B Power

Related error (considering C;, as exact):

2

c *lc c 2
Er(C) = < T * 2Er(T)) + <F * Er(F)) + <_W * Er(W))

A in,out
Thouik to calculate heat transfer coefficient:

Q*Z mxI'*Z*D

Tbulszin+4*m= in GG,

Error on thermal flux Q:

D2

Er(Q) = j (Erew) « il

Error on mass flow rate G:
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> ) +<Er(D)* D3

Er(G) = j (Brm) «—

Error on Twuik (considering Cpas an exact value):

2 2
(ET'(T))Z n (Tbule_ Tin " E?"(Q)) n <TbulkZ_ Tin " ET'(Z)) n

Er(Tpux) = . . R .
( bulkG in " ET(G)) + ( bulkD in " ET(D))

2

\

Heat transfer coefficient H:

Q

H=—"——
Tsat - Tbulk

Error on heat transfer (considering C, as an exact value):

2

b = (5@ ) + (e )

Approximation to avoid T,; calculation:

H\? 2\?
Er(H) = j(Er(Q) * 5) + <ET(Tbulk) * %)
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5.1. BO.E.MIL.A

The data base used to calculate pressure drops have been obtained in the experimental facility
BO.E.MI.A. (Boiling Experiments in Mlcrochannel Apparatus), built and operated in the ENEA
Laboratory of Thermo-Fluid Dynamics. The facility aim is to perform, at different regimes, heat
transfer tests on mini and micro channels, with inner diameter in the range from 0.25 up to 2
mm. A simplified layout of the experimental loop is shown in figure 88. FC-72 (perfluorohex-
ane C6F14), a fluorine liquid manufactured by 3M, was used as working fluid; it is thermally
and chemically stable, compatible with sensitive materials, nonflammable, leaves essentially no
residue upon evaporation and has no ozone depletion potential, properties that make it ideal for

electronics.
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Figure 88: BOEMIA facility simplified layout

The fluid is clean and degassed before entry to the flow loop to remove any non-condensable or
impurity. A gear pump can pull the liquid up to 20 bar with a volumetric flow rate in the range
6-552 ml/min. A membrane expansion tank pressurized with nitrogen regulates the operative
pressure. Maximum working pressure for the facility is 9 bar. The fluid is filtered after the
pump by a 40 um filter. Two mass flowmeters measure the mass flowrate in two different flow
regimes: from 2 up to 500 g/h (low mass flow regime) and from 500 up to 10000 g/h (high
mass flow regime). The first range is covered by a digital mass flowmeter based on a thermal
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measuring principle (Constant Temperature Anemometry), the second one by a small Coriolis-

type flowmeter. A three-way valve operates the two mass flowmeters.

The fluid is electrically preheated upstream the test section inlet up to saturation condition or to
a fixed subcooling degree. A counter-current tube in tube condenser cool the fluid with demin-
eralized water at the exit of the experimental section. The thermal balance of the water gives the

total heat delivered to the fluid in the microchannel test section.

5.1.1. Test section
The test section consists of a horizontal 1.016 mm (0.04”) inner diameter stainless steel tube
that have an outer diameter of about 1.6 mm. Two configurations, 100 and 200 m